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ABSTRACT

This manual is a summary of the baslc technlcal information
that pertains to processes that are used at the Dana and
Savannah River Plants for the production of heavy water.

The manual is intended primarily for plant operating and
technical personnel and was prepared to supplement and
provide technlcal support for detalled operating procedures.

The introductory sectlons of the manual contalin some back-
ground informatlion on the history, uses, avallable processes,
and .analytical procedures for heavy water. They also include
a general comparlison of the design and performance of the

two plants and an analysis of thelr. differences.

In subsequent sectlions, the technology of the heavy water
gseparation processes used, namely hydrogen sulfide exchange,
distillation of water, and electrolysis 1s discussed 1in
detail. The manufacture and storage of hydrogen gulfide gas
and the process water treatment facllities are also discussed.

-2 -



FOREWORD

This report is a summary of the technology used in the production of
heavy water 1n the Dana and Savannah River Plants, as operated by

du Pont for the Atomic Energy Commission. As such, the report is
largely a revision and consolidation of flve technical manuals written
as guldes for the operation of the Dana Plant. The titles and authors
of the Dana manuals, which were lssued originally as Secret documents,
are listed below.

Dana Plant Technleal Manual:

Part I - Introduction and GS Process -
W. P. Bebbinghton and W. R. Keller

Part II - DW Process -

V. R. Thayer, A. F. Fritzlen, and C. W. 3tahl
Part III - E Process - -

W. P. Bebbington, C. W. Stahl, and F. E. Warren
Part IV - Gas Generatlon -

W. P. Bebblngton and C. B. Buford, Jr.
Part V - Treatment of Feed Water for G3S Process -

J. A. Lutz

No separate technical manuals were written for the Savannah Rlver
heavy water plant; the technology used there was gufficlently simllar
to that used at Dana to make separate manuals unnecessary. In this
present report the technology of both sites 1s included, revised to
include process changes made as the result of operating experience.
The orlginal Dana manuals are now obsolete.

Compilation of this report was started in 1957, at the time the Dana
Plant was belng shut down because its capacity was no longer needed.
Since the purpose of the report is to describe as clearly as possible
the technologies and facilities of the two plants as built and
operated, the Dana materlal 1s presented in the present tense.

Final completion and issuance of this report was delayed because of
temporary restraining orders which continued during the pendency of
Federal court action. This court action was dismissed on July 23,
1959, by the U, 8. District Court for the District of Columbia.
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PRODUCTION OF HEAVY WATER
SAVANNAH RIVER AND DANA PLANTS

TECHNICAL MANUAL

INTRODUCTION

Pacilities have been buillt and operated to produce heavy water
(deuterium oxide, D.0), of high isotopic and chemical purity, by.
separation from natural water, '

Two planta were bullt for thls purpose, one at Dana, Indiana.(Dana
Plant) and one near Aiken, South Carolina (Savannah River Plant).
The heavy water facllitles at -the Savannah River Plant are a part of
the over-all plant which 1ncludes varlous nuclear operations.

NATURE AND USE OF HEAVY WATER

Deuterium is one of the three known l1sotopes of hydrogen. Natural
water, other hydrogen-containing compounds, and ordinary hydrogen gas
contaln mainly the 1sotope having an atomic weight of 1.0. Deuteriunm,
the second isotope, has an atomic weight of 2.0, and tritium, the
third isctope, has an atomic weight of 3.0. As is the -rule with
isotopes, these three types of atom share the same atomic number, 1,
and have nearly ldentical chemical propertles.

Generally, in chemlcal work, the term "hydrogen" is taken to mean the
naturally occurring mixture of 1sotopes of thls element, and "water"
means the mixed oxides of the element. - In-discusslons of separations
of the lsotoplc forms, the term "hydrogen" is generally assigned to
the most abundant lsotope having atomic welght 1.0. "protium" has
been proposed as a specific name for this isotope,. but has not gained
‘wide acceptance. The term "light water" is applled to the oxide of
the light lsotope having a molecular weight of 18, and "heavy water"
is applied to deuterium oxide, having & molecular welght of 20.

Heavy water 1is used princlpally as a moderator in nuclear reactors.
Its value as a moderator 1s due to the superior abllity of deuterium
atoms to. absorb energy from neutrons which collide with them, without
at the same time "capturing” or uniting with too many of these
neutrons. (2} In the form of heavy water, the attractive nuclear
properties of deuterium are provided in a convenient physlical and
chemical state.

About 0.015 mol % of the hydrogen 1n natural water is deuterium,
which at this low concentratlon, exists in solutlon as HDO#*. The

* For a discussion of the molecular forms in which deuterium exligts
In water of varlous concentrations see Appendix A.
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rdtio of deuterium to hydrogen varies only slightly among the many
sources of the element and 1ts compounds. Diligent search has
revealed no natural source of deuterium that 1s suff%g*ently above
normal concentration to be economically significant.

Tritium is a radiocactive isotope  of hydrogen. It occurs naturally
only in extremely small concentrations.

ISOTOPE SEPARATION

Since all of the isotopes of an element have essentlally the same
chemical properties, common chemical methods of separatlon are
generally not applicable. The several lsotopes of an element, and
their related compounds do, however, show some differences in physical
properties. Also, although the chemical properties of all the 1sotopes
of an element are gualitatively the same, there are quantitative
differences. The chemical differencea are generally in reaction rates,
reaction equilibrium constants, and the like. Isotoplc Beparations
can be based on these differences. Fortunately, the physical and
chemical differences between hydrogen and deuterium, because of thelr
twofold mass ratlo, are greater than for pairs of l1lsotopes having
lower mass ratios. The small percentage of deuterium in nature,
however, makes the recovery of large quantities of heavy water a
difficult and costly undertaking.

METHODS OF SEPARATION OF HEAVY‘WATER OR HEAVY HYDROGEN

Several methods that have been applled to or propoagd for the large-
scale production of deuterium or heavy water are outlined in Table I.*

TABLE I
-Methods of Sepération of Heavy Water or Heavy Hydrogen

Method Advantages Disadvantages
Distillation of large difference Involves large-Bcale
hydrogen in volatility of distillation of liquld

H vs. D, hence hydrogen for which

ease of separation commercial technology 1s
not fully developed;
limited commercial sourcer
of hydrogen gas

Fractlonal diffusion, Good separation High energy requirement

hydrogen gas factor; simple and large investment 1In

equipment ga8 compressors
Electrolysis of water Good separation Very high electric energy
(hereafter called the factor " consumption

E process)
* There are now many discussions of heavy water processes in the AEC

project and open literature. References to a number of these are
included in the Bibliegraphy.
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Method Advantages Disadvantages

Distillation of water, Simple equipment High thermal energy
{(hereafter called the and operation requirement and low
DW process) separation factor
Gas-liquid
exchange processes
Hz8-Hz20, dual Good separatlon Toxiclty of Hz8; corrosive
temperature factor with nature of the Hz2S5-Hz0
{hereafter called moderate energy and system
the (S process) equlpment require-
ments; no catalyst
Hz -NHa, dual Good separatlon Requires secondary source
temperature factor; reasonable of D slnce NHsz supply 1s
equipment and limited; process nct
energy requlre- developed for commerclal
ment; simple application
homogeneous catalyst
Hz ~H=20, single Good separatlon Vapor-phase exchange
temperature factor; atmoa- reaction over catalyst;
phericec pressure applicable only where
operation supply of pure hydrogen
is avallable (as at Trail,
B.C.) |

HISTORY OF HEAVY WATER MANUFACTURE

Deuterium was first isolated in concentratlon sufficient for positive
identification by Urey and his co-workers at Columbla Unlversity 1n
1931. This first rough separation was by fractional evaporaticn of
liguild hydrogen. Subsequently, G. N. Lewis at the Unlversity of
California concentrated a large gquantlty of water to a small amount of
nearly pure D20 by electrolysis. The heavy isotope of hydrogen was of
great interest to research workers as a tracer in blochemical processes
and chemical reactions as well as -to sclentlsts who were studying the
comparative properties of the two isotopes and their compounds. The
demand for heavy water and deuterium was sufficlient to jJustify thelr
commerclal production on a small scale, usually as byproducts of
operations that were already producing hydrogen and oxygen electro-
lytically. The Stuart Oxygen Company in Californla was such a producer
in thils country, as were some of the firms operating electrolytic
hydrogen plants in Norway.

By 1940 sufficient interest in heavy water as a neutron moderator had
been aroused to initiate a research and development program at
Columbla that was almed at a practical large-scale process for 1lts
separation. This work spread to many other unlversity and industrial
research laboratoriles, and led to the preliminary development of most
of ‘the methods of separation summarized in Table I. The outcome of

- 13 -



this program (initliated by the Offlce of Sclentific Research and
Development, and carried to conclusion by the Manhattan District,
Corpe of Engineers) was the construction and operation of a unit at
the Trail, British Columbia plant of Consolidated Mining and Smelting
Company and of plants at the du Pont-operated Morgantown, Alabama, and
Wabash Rlver Ordnance Works (WROW)}. The former used a combined
hydrogen-water exchange and electrolytic process operated as an
auxiliary to the C.M.&S. electrolytic hydrogen plant, and the latter
used vacuum distillation og water, followed by an electrolytic process
for final concentratlion. The total capaclty of these facllities was,
however, insignificant compared to those described in this Manual.

The heavy water program of 194%0-45 was initiated before the demon-

stration of any kind of nuclear reactor. Before construction of the

du Pont heavy water facilitles was started, however, the first graphite

"pille" at Chicago had operated successfully. The productlon of heavy

water from 1943 to 1945 thus became part of a secondary development

program rather than part of the principal effort. By the end of the

war sufficient heavy water had been produced for the experimental

reactors that were planned, and the du Pont units were shut_ down and

placed in standby condition. (Later the Morgantown andUAlabama plants )éi’
were scrapped.) The C. M.&S. plant continued operation. @-/L/vpﬁ ?ﬂé?G&/

A small portion of the original WROW distillation plant is being used
for intermedlate concentration of heavy water and for deaeratlon of

GS feed water at the Dana Plant. Some equlpment from the Morgantown
electrolytic plant 1s similarly belng used for the filnal concentratlon
of heavy water in the Dana E plant, which 1s essentlally an enlarged
version of the Morgantown 1lnstallation. The Dana cells, incidentally,
vary only 1in detalls from those that were originally used by the
Stuart Oxygen Company. ’

Development work on heavy water prpcesses other than those used by
du Pont and at Trail was’é%%ﬁ@%égéein 1943 because of scarcity of
materials and technical manpower, and waning 1nterest in the material
for the Manhattan Distrilct project. Work on the GS process at

Columbia University had been carried through laboratory-scale tests

and some corroslion research had been done, but semiworks demonstrations
of the process, though carried through planning and design stages,

were never completed.

SELECTION OF PROCESSES FOR THE AEC PROGRAM

AEC CONTRACTS WITH THE GIRDLER CORPORATION AND HYDROCARBON RESEARCH, INC.

During 1949, because of renewed interest in heavy water reactors,

the Atomie Energy Commission authorized further study of the hydrogen
distillation process.and the GS process, both of which, if workable,
should be less costly than water distillation.

- 14, -



The Hydrocarbon Research Corporation undertook studles of hydrogen
distillation. These studies resulted 1n plant designs( ) that were
based on essentially the same process information that was avallable

in 1942. Experience of Hydrocarbon Research and others, with
large-scale llquefaction of alr between 1942 and 1950, was helpful with
regard to equipment design. There had been by 1950, however, no

actual demonstration of the workability of the process design as
proposed.

The Girdler Corporation was authorized to design, construct, and
operate a pllot plant to demonstrate the GS process, and also to
prepare deslgns for a large plant.

THE DU PONT SURVEY

In June 1950, the Atomic Energy Commission requested that the du Pont
Company study certain phases of the atomlc energy program, including
heavy water production, and recommend a course of action.

The du Pont recommendations, which were adopted, were that the pllet
plant program on the GS process be expedited, that part of the
antlclpated heavy water requirements be provided by deslgning and
constructing production units employing the GS process for primary
concentration, followed by distillation and electrolysis, and that,
pending results from the GS pllot plant, designs be prepared for
possible use of the water distillatlon process.

The 68 pllot plant was subsequently operated to prove the feasibility
of the GS process. Although evidence of corrosion was disquleting,
the decision to rely on the GS process for primary separatlon of D20
was made firm, and work on water and hydrogen distillation was dis-
contlinued.

REASCON FOR CHOICE OF (S PROCESS

The declsion to use the GS process was based on the followlng general
concluslions:

1. The water distillation process, though most completely
developed and most dependable, was high 1n caplital cost and very high
in thermal energy requirement compared to the alternatives.

2., The hydrogen distillatlon process was reasonable 1n
operating cost, but certain important 1ltems of technology lacked
development. The adequacy of hydrogen supply was questionable, and
the sources were scattered. The determining concluslon was that the
hydrogen distillation units could not be completed in time to meet the
acheduled need for heavy water.

2
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3, The GS process, while lacking a desirable degree of
confirmation from the pilot plant, appeared to be feasible, with lower
capital and operating costs than the water distiliation process.

STAGING AND FINAL CONCENTRATION

The D20 content of natural water 1is about one part in 7,000 and the
amount that can be economically separated 1s no more than about one
part in 30,000. Hence, lmmense quantities of water are required for

a large heavy water plant, and the equipment through which thils water
15 handled must be very large. By appropriate arrangements of the
equipment "staging", however, the quantities of materlals that are
handled and the size of the equipment may be reduced about 1in pro-
portion to the increase in concentration of heavy water through the
plant. Energy consumption and operating cost may be reduced similarly.
In a plant that is staged in this manner almost all of the capltal and
operating costs are assoclated with the first hundredfold concentratlon
(from 0.015 to about 2%} of the heavy water. The staging may be done
with any of the possible heavy water processes, Or the process may be
changed from stage to stage.

The value of the heavy water increases with 1ts concentration and
because of the staging discussed above, the processing costs decrease.
Accordingly, in the final concentration to essentially pure heavy
water, simplicity and dependability of operation‘are very lmportant
and the 1lnherent economy of the process becomes less significant.

The processes for final concentration of heavy water at the Dana and
Savannah River Plants were chosen on the basis of the above consider-
ations. Advantage was taken of the inherent economy of the GS process
for the extraction of D0 from natural water and 1lts concentration to
about 15%. It was recognlzed, however, that the GS process was
vulnerable to losses through leaks and process upsets, so the DW
process (vacuum distillation) was selected for concentration from

15 to about 90%, and the E process (electrolysis) for final concen-
tration to 99.8% D 0. The DW process requires virtually no operating
aupervlsion and is practically immune to loss of product. The E
process is particularly well suited to the final adjustment of con-
centration since it is a batch process with high separation factor,
and the current that must be passed through the cells to achleve a
desired concentration may be accurately predicted.

About 96% of the investment and 93% of the operating cost of the Dana
or Savannah River heavy water plants 1s assoclated with the preoduction
of 15% D20 in the GS process. The remaining costs are contributed by
the DW and E processes.
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SUMMARY

The Dana and Savannah River heavy water plants are of similar design
and of approximately the same capacity. The plants were built during
1951 and 1952. The Dana Plant began operation early in 1952 and the
Savannah River Plant about six months later. Both of the plants have
operated dependably and efficiently to produce heavy water at con-
siderably above their design capacity. The following section of this
Manual is a summary of the essential features of the two plants and of
their operating performance.

Figures 1 and 2 are general views of the Dana and Savannah River
heavy water plants.

FIGURE 1 - GENERAL VIEW OF THE DANA PLANT

Prominent features are, from left to right: flare tower, south row of three GS units, control
buildings, north row of three GS units, DW towers, service buildings, power house.

FIGURE 2 - GENERAL VIEW OF THE SAVANNAH RIVER HEAVY WATER PLANT

Prominent features are, from left to right: flare tower, power house, DW towers (in distance)
G3 control buildings, six rows of four GS units.
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GS PROCESS

The basic element of the GS process is a pair of gas-llquid contacting
towers, one of which operates at 30 to 40°C (the cold tower) and the
other at 120 to 140°C (the hot tower). Water passes downward through
the cold tower and then through the hot tower, countercurrent to HzS
gas at about 275 pounds per square inch gage pressure. The HoS gas

is circulated by a centrifugal blower which pumps gas from the top of
the cold tower to the base of the hot tower. The water 1s pro-
gressively enriched in D 0 as it flows through the cold tower, is
progressively depleted as it flows through the hot tower and leaves
the hot tower at a concentration lower than that at which 1t entered
the system. Thus Dz0 builds up in the system, and can be withdrawn

as an enriched fraction from the base of the cold tower (or top of the
hot tower).

In the GS process as operated at Dana and Savannah Rlver, natural
water (containing 0.015% Dz0) is fed to the top of the cold tower, an
enriched fraction containing about 0.06% D-0 is withdrawn from the
bottom of the cold tower and circulated through the second stage, and
depleted water containing 0.012 to 0.01%% D0 leaves the system from
the base of the first-stage hot tower. The second stage conslsts of

a pair of hot and cold towers smaller in cross-sectional area than the
first stage, the reduction in area reflecting the enrichment achleved
in the first stage. The cold enriched liquid from the first stage
passes in turn through the second-stage cold and hot towers and returns
to join the 1liquid stream entering the first-stage hot tower. A
fraction of the hot gas leaving the first-stage hot tower 1s similarly
circulated in turn through the second-stage hot and cold towers
rejoining the first-stage flow at the base of the first-stage cold
tower.

In the above fashion the complete GS unit is made up of several tower
pairs in a series (or series-parallel) cascade, appropriately sized in
accordance with the successive enrichment ratios. The number of
elements in series (number of stages) 1s fixed by the over-all
enrichment that is to be achieved 1n the cascade.

GS EQUIPMENT AT DANA

A GS cascade at Dana consists of five stages, each designed for an
enrichment ratio of four. The over-all enrichment ratlio is then four
to the fifth power (about 1,000). With feed of 0.015%, product is
therefore about 15% D:0.

The first stage consists of four cold towers in parallel, paired with

four hot towers in parallel. The cold towers are 11 feet in dlameter;
the hot towers 12 feet. Each tower contains 70 bubble cap plates.
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The second stage has one cold tower (11 feet in diameter) and one hot
tower (12 feet in diameter).

The third, fourth, and fifth stages consist of single hot tower - cold
tower pailrs of successively decreasing diameters, about,6—l/2, 4, and
2-1/2 feet, respectively.

A Dana GS unit thus contains 16 towers, and there are a total of six
such units. The over-all arrangement of a Dana GS unit, including

towers, blowers, heat exchangers, pumps, and other auxliliarlies 1s
shown in the process flow diagram, Figure 20, and in a general view

of a Dana unit, Figure 3.

FIGURE 3 - GENERAL VIEW OF A DANA GS UNIT

Main GS towers are in background, cold towers of each pair nearly hidden behind the hot
towers. From right to left are four first stage pairs; second, third, fourth, and fifth stage
pairs. The heat exchangers are visible at the lowest platform level in middle distance.
The short tower in foreground is the waste stripper. The building is the electrical switch-

gear room.,

GS EQUIPMENT AT SAVANNAH RIVER

A @GS unit at Savannah River 1s arranged in two stages. An enrichment
ratio of four to five 1s produced by the first stage, as at Dana, but
the second stage accomplishes the necessary remaining enrichment of
200- to 250-fold.

The first stage consists of one cold tower 11 feet in dlameter and
one hot tower 12 feet in dlameter. Each tower contains 70 plates.

The second stage consists of two cold towers 1n series, and two hot
towers in serles. The second-stage cold towers contain a total of
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180 plates, and the hot towers a total of 140 plates. All four towers
are 6-1/2 feet in diameter.

The GS plant at Savannah River is made up of 24 of the above units.
The design capacity of a Savannah River unit 1s one-fourth that of the
larger series-parallel cascade used at Dana. Thus the 24 small units
at Savannah River have the same design capacity as the 6 large units
at Dana.

Figure 4 is a view of a "wing" of four SRP GS units. This wing 1s
equivalent in design capacity to a Dana unit.

S B A =
FIGURE 4 - VIEW OF A WING OF FOUR GS UNITS AT SRP

The principal towers, in order from left to right are: First-stage cold, first-stage hot, two second -stage hot, two second-stage
cold; repeated four times. In front of the towers with top heads ot the second main platform are the gas coolers; in front of
these, with heads ot the level of the first main platform are the liquid heat exchangers. A second wing of four units is partially
visible in the baockground.

COMPARISON OF THE DESIGNS AND OPERATING CHARACTERISTICS OF THE DANA AND
SAVANNAH RIVER GS UNITS

The most important difference between the Dana and Savannah River GS
units 18 in the first stage. Operation of the four cold towers and
four hot towers in parallel at Dana involves complexities of flow
control that are absent in the Savannah River arrangement. The ratios
of gas flows to liquid flows in the GS units are extremely critical
and slight deviations from optimum in either direction cause serious
reduction in efficiency. In the Dana first stage, flow ratios must
be set separately 1n each of the eilght first-stage towers. However,
while the liquid flow to each hot tower must be set separately, these
flows are not independent since the total flow to the hot towers

must equal the total flow from the cold towers.
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Operation of the Dana first-stage heat recovery system, consisting of
elght parallel banks of three heat exchangers operating 1n series 1is
also more complex than the Savannah River design. Water 1s condensed
from the gas phase 1n the shells of these exchangers, collected and
pumped to the top of the hot towers. Malntenance of condensate

liquid seals in each exchanger bank 1s a problem 1n design of parallel-
serles exchanger pressure gradlents. Formation of s0lid H,S hydrate
in the coldest exchanger of each bank also adds to the problem and
necesslitates careful control of the coolling water temperature entering
the cold exchangers.

Despite. complication in control of flow ratlos and heat-recovery
systems, the Dana (S units have operated dependably and well. The
Savannah River unit 1s, however, inherently simpler and easler to
control. While both the Dana and Savannah- River GS plants represent
operable designs, 1t is nevertheless worthwhile pointing out the
significance of some of the more important differences. These are
summarized in the followlng paragraphs: ‘

TOWER VOLUME

The cascade at Savannah River is less nearly 1deal in design in that
there 18 only one step down in stage size (that between the first and
second stage), as compared to four steps down for the Dana cascade,
The Savannah River design has fewer contacting plates in series, but
more total plate area, .and consequently more tower volume. This means
higher investment, although the tower cost 1s partly compensated for
by reductions in cost due to simpliclty in piping and auxllilaries.

The Savannah cascade, excluding power house and miscellaneous
facllities, 1s estimated to cost about 5% more than the Dana design
for the same nominal capaclty.

PRODUCT INVENTORY IN CASCADE

The heavyiwater content of the process water held up in the Savannah

GS plant 1s two to three tlmes that held in the Dana plant. In neither
case, however, 1s the cost of the material that 1s 1in process large
enough to be significant.

MAINTENANCE

Arrangement of the Savannah @GS equipment in 24 separate units 1s
favorable to plant maintenance, since equipment outage ordinarily
affects only a small fraction of the total plant capacity. Hydrostatiec
tests, Inspections, and overhaul are carrled out on a continuous
routine schedule, with units removed from service one at a time. The
performance of pumps and blowers 1s sufficlently dependable that
satisgfactory continulty of operation can be maintained without in-
stalled spare units. It is not unusual for a GS unlt at Savannah
River to operate for an entire year without shutdown because of
mechanical fallure.
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The 2% Savannah Rlver units are shut down one at a time for annual
overhaul and test. The overhaul and test program extends throughout
the year and can be handled as a steady work load by & relatively
small maintenance force.

At Dana the six large units are glven inspections, hydrostatlc tests,

and overhaul on & campaign basis, one unlt at a time over a period of

three or four months. The relatively large fraction of -the plant thus
out of service during overhaul reduces the attainable "time on stream"”
at Dana by about 4% as compared to Savannah River.

At Dana all pumps and blowers beyond the flrst stage are installed in
pairs (one operating and one spare) to ensure agalnst outage of an
entire unit in case of fallure. :

PROCESS CONTROL

The smaller, simpler Savannah River GS unit is easler to put."on stream"
and operating control 1s more straightforward than 1t 1s for the Dana
unit. This ease of control has contributed to a higher productlon

rate, particularly during the flrst year of operation. '

MATERIALS OF CONSTRUCTION FOR THE GS PROCESS

The success of the GS process has been very largely due to research
and development that defined the effect of HzS on practicable
materlals of construction. Concurrent with the deslgn and con-
structlion of the two plants, a major program of corrosion research
was carried out. The results of this research were applled as they
were obtained, so that the Savannah Rilver plant has the advantage of
a somewhat better cholce of materlials than Dana.

The important aspects of the effects of hydrogen sulfide on steels are
summarized below:

1. Carbon steel is corroded by HpS in water, but the iron
sulfide that 1s formed acts as a protective coating so that corroslon,
although very rapid at first, drops to a penetratlon rate of less
than 0.1 mil per year after about 2000 hours of exposure. If hcowever,
erosion prevents the formation of the sulfide coating, the
corrosion rate remains very high. Hence for the GS process, carbon
steel may be used only for equipment that 1s not subject to highly
turbulent water flow or to spray impingement. In practice, carbon
steel 1s satisfactory for tower shells, heat-exchanger shells (Lf
nozzle entrances are protected), tanks, and most process piping.

©. A portion of the hydrogen that is formed by the reactlon |
of H.S with steel diffuses into and through the metal. This diffusion
gives rise to the most troublesome effects of corroslon, stress
corrosion cracking and blistering. The hydrogen, apparently in the
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atomic state, diffuses readlily through the crystal.lattice of steel
and combines to form molecular hydrogen only at surfaces of dis-
continultles.

The presence of atomlc hydrogen from the corrosion reactlon seriously
reduces the strength of hard, high strength steels or of steels having
high residual stresses from cold working or welding. The effect is
most pronounced and important with the high strength steels used for
flange bolts and with hardened steels in springs and roller bearlngs.
The effect of H-S on the strength of bolts 1s shown in Figure 22,
page 75,

Blistering is a potentially important problem in the carbon steel
plates that form the walls of process pressure vessels. Any dils-
contlinuities in these plates such as volds, laminations or nonmetallic
inclusions can serve as loel for the combination and collectlon as
molecular hydrogen of any atomlc hydrogen that has diffused into the
‘steel. The hydrogen so formed can apparently generate virtually any
pressure that is necessary to create space for 1ltself. If there are
‘sizeable volds or laminations present in the steel plate these will

- be enlarged by the hydrogen into bllsters.

. 3. Neo corrosion inhibitors are known that are effectlve,
have. sultable physical properties, and are avallable at tolerable
cost for use in the process. Early scouting tests indicated that’
ammonia or amines might be effective in inhibiting the reaction
between 1ron and HoS. A number of these corrosion inhibitors were
tried in the Dana Pilot Plant. The over-all effect of the amines was
detrimental, however, since they acted as de-scaling agents for the
protective sulfide scale and did not in themselves provide an
equivalent protection. The amines caused great trouble in the Dana
Pllot Plant through pluggling of lines with sulfide scale.

Corrosion and 1ts effects have been kept under contrel by the
following measures:

1. Where possible, low velocltles are maintalned in piping
and vessels. '

2. Liquid entrainment is avoided in gas llnes.

3. Where high veloclities are unavoldable, as 1n control
valves and through bubble cap trays and heat exchanger tubes, stainless
steel is used. AISI, Type 316, 1s preferred.  Type 410 steel 1is
unsuitable, belng very susceptlble to attack with the formation of
heavy, loose scale.

4, Hardness in bolts is limited to 27 on the Rockwell C
hardness scale and stresses (by measurement) are limited to 40,000 psi.
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5. To ensure freedom from fissures and voids, steel plate
that is to be used for process vessels 1s carefully selected by ultra-
sonlc¢ inspection.

6. Instrument bellows, bourdon tubes, and springs are
isolated from contact with HsS. . :

T- Liberal use is made of minimum-thickness holes at
locations where erosion is to be anticipated. These holes, drilled
about halfway through the pipe wall from the outside, gilve warning of
serlious penetration.

8. The units are subjected to thorough annual inspections
and hydrostatic tests.

The ferrous metals, carbon and stainless steels, are used for all
important process applications except the impellers of the centrifugal
blowers used to clrculate gas. These impellers are large in dlameter
and operate at high speed, and for these reasons are made of an
aluminum alloy. The corroslon resistance of aluminum in thils service
is adequate sc long as the gas 1s reasonably free from entrained water.

Corroslion has not been a serious obstacle in keeping plant operating
time at 96 to 98#. Much, however, has been learned about this problem
in operation of the plants. In the early operation of Dana, carbon
steel heat exchanger tubes and control valve bodles proved to be
entirely unsuitable. Type %10 stailnless 8teel trays and bubble caps
have corroded to the extent that they requlre replacement after about
four to filve years. The general attack on carbon steel piping and
vessel walls has been lnappreclable. There have been a fairly large
number of lnstances of the fallure of bolts because of stress corroslon
cracking, and as the result of these fallures the specified hardness
for these bolts has been reduced to a maximum of Re 27 and the per-
missible stress has been reduced to 40,000 psi. Under these con-
ditions, no failures occur. There have been no serious instances of
blistering.

There has been fairly rapid erosion of piping in certain isolated
locations, generally where such erosion might be expected, and where
minimum-thickness holes were present to reveal its progress. These
locations were at points of high veloclty and turbulence, such as at
Junctions, bends, or changes in size of pipe. There are, however,
unexplained differences between apparently identical confilgurations
that operate under the same conditlons in different units. Erosion
does not always take place 1n situatlions where 1t might be expected.
It 1s thought that these differences in behavior may be the result of
unknown differences in residual stresses in the piping or in
vibratlonal stresses, but this has not been proved.
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A corollary of the corrosion problem in the GS process 1s the depo-
sitlion of iron sulfide that is formed as a corrosion product. The
solubility of iron sulfide in water under GS process conditions
decreases with increase In temperature. ' As the result of this, iron
sulfide that is formed by corrosion in cold parts of the system may

be precipitated in hot parts. At Dana, and in some of the units at
Savannah River where relatively large areas of Type 410 stainless
steel are exposed, encugh 1ron sulflde 1is formed In the process towers
to cause serlous plugging of the process-waste strippers and thelr
heat exchangers. Thls precipitation of 1ron sulfide can be reduced to
an acceptable rate by reduclng the solubllity of iron sulflde at the
point where 1t 1s formed. This 1g done by the addition of sulfide
lons to the process water in the form of NaHS. This is done routinely
at Dana and has been proved effectlve but not necessary at Savannah
River. ‘

CONTROL OF THE GS PROCESS

Operating control of the GS process presents a speclal problem that 1s
characteristlic of any process for ilsotope separation which depends
upon dual-temperature exchange. '

In order to sef up a driving force and achleve enrichment in a c¢cold
tower - hot .tower palr, it 1s necessary to establlsh and hold wlthin
close limits a specific ratio of liquid flow to gas flow. 1In practice
this flow ratio 1s established by determining the D0 content of
samples taken on a regular schedule from mld-points of the two columns.
Thlis procedure frees process control from dependence upon an absolute
callbration of flow meters and 1s essential to successful operatilon.
Process control methods are covered in detall in the Section entitled
"Mid-Column Concentrations as Criterla for Control", page 56.

HAZARDS IN HANDLING H,S$

The toxlclty of hydrogen sulflde 1s greater than carbon monoxlde and
about the same as hydrogen cyanide. .

Under operating conditions 600 to 800 tons of HzS is confined within
the GS towers and auxiliaries of such a plant as Dana or Savannah
River, and provision for safe handling of thils large quantity of
toxic gas 1s an important problem in plant design and operation. All
equipment that contailns HpS 1s located in the open, thus avoiding the
hazard of leakage wilthin bulldings. Gas monltors that are connected -
to alarms are placed at strateglc points in the general area, and all
personnel withln the operatlng area carry gas masks.

The GS unlts are provided wlth a system of remotely cperated, qulck-
acting 1lsolation and dump valves. If there 1s a large leak or rupture,
the isolation valves are immediately closed. The possible release 1ia
thereby limited to about 8 tons. As soon as the leaking sectlon 1s
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identifled, dump valves are opened to discharge the gas in 1t to a
400-foot flare stack at the top of which the gas 1s burned. The flare
stack 1s also used routinely for the disposal of small .amounts of HpS
that escape from pump and blower seals, are purged from equipment to
be repaired, or are discarded to malntaln HoS quality.

OW PROCESS

The DW process, used to concentrate heavy water between 15 and 90%, 1s
a traln of .contlinuous water distillation columns that are operated
under vacuum.

Feed to the DW process 13 15% D0 from the GS process. An "overhead"
fraction containing 3 to 6% D20 1s returned to the GS process.

Towers, rebollers, and condensers for the DW process are fabricated of
carbon steel, and there 1is no significant corrosion problem., :

The operating tie-ln between the GS process and the DW.process 1s
very flexible in that both the quantity and the D0 content c¢f the
product that 1s withdrawn from the GS process can vary wldely without
upsetting the DW process.

Operating control of the DW process consists essentlally of maintain-
ing a constant flow of steam to the rebollers, and perlodically
adjusting flows of feed, overhead and product as regqulred to keep the
system in balance with the output of the GS plant.

E PROCESS

The basic element of the E procesé is a ﬁank of eledtrolytic cells in
which water 1s decomposed to hydrogen and oxygen.

If a mixture of D20 and Hz0 18 electrolyzed, the ratic of deuterium

to hydrogen in the gas 1s much less than it 1s in the liquid from
which 1t was formed so that a separatlon 1s possible. The gas mixture
is recombined in a burner-condenser, the condensate being depleted in
D0 and the residue in the cells being enrlched. . :

The cells are operated batchwise in a manner that 1is equivalent to
simple distillation. The separation factor for the fractlionation, the
effective relative volatility of Hy0 and D0, 1s between 8 and 10.
Control of the E process 18 particularly simple since the amount that
must be electrolyzed to achieve a desired increase 1n concentration ..
may readily be calculated from the Rayleigh equatlon for batch distil-
lation. The amount that 1s electrolyzed is 1in turn directly related
to the number of ampere hours of operation of the cells.

- 26 -



Condensate from the burner-condensers is collected in two or more
cuts; the cut of lowest concentration is returned to the DW plant and
the others are recharged to the electrolytic cells.

Pure heavy water 1s obtained from the residue of the E plant cells

by evaporation. Before evaporation the residués contaln potasslum
carbonate, which 1s used-and can be reused as electrolyte. This
evaporation serves as a final chemlcal purification of the product,
which 1s then put into aluminum or stalnless steel drums for shlpment
or storage.

HyS SUPPLY

The H:S that 13 required for fi1lling the GS units and replacing
losses 1s made by reactlon of sodium hydrosulfide (NaHS) and sulfuric
acid. These raw materials aré shipped to the plants in tank cars and
stored 1n carbon steel tanks.

The reaction ls carried out continuously at atmospheric pressure in
a small unlt constructed at each location for thls purpose. The HpS -
gas is compressed and stored as a liquld In carbon steel tanks.

At Dana, the addition of NaHS for the control of iron sulfilde depo-
sition 1s sufficient to provide the necessary make-up -gas to the GS
units. HzS 1s generated in the units by reactlon of the sulflde with.
sulfuric acld that is added to the waste strippers.

WATER SUPPLY

Water at Dana 1s obtailned from gravel beds under the Wabash River by
means of Ranney wells. Hardness of about 300 ppm 1s removed by lon
exchange, and the €O, that remains after reaction with the ion resin
1s removed 1n degassing towers.

Water from the Savannah River is soft, and ion exchange 1s not
required. The treatment at Savannah River consists of filtratlon,
acldification to neutralize alkall carbonate, atid degassing to remove
COz.

PRODUCTION RATES

The Dana and Savannah River Plants were designed to produce heavy
water at the same rates, 65 pounds per operating hour or 240 tons per
year. These capacltles were based on reasonable estimates of
attalnment in flow rates, cperating time, process conirol, and other
factors that influence the output of the plants.

Both plants have in fact exceeded 240 tons per year; Savannah . River

from the start and Dana during its second and subsequent years of
operation. After flve years of operatlion, production at Dana had
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risen to about 450 tons per year and at Savannah River to about: 500
tons per year. : : .
Four main factors are responsible for the production in excéasrdf
the deslgn rates for the GS planta. These are:

1. The gas and water flow rates through the GS towers are
considerably higher than the design rates and are near to the absolute
maximum at which it 1s possible to maintain countercurrent flow, 1.e.,
they are run practically at the "loading point". These flow rates are
about 1.4 times the original design rating. In order to achleve these
flows, antifoam agents are added to the feed water. .

2. The temperature spread between the cold towers and the
hot towers has been increased beyond the design figure. This requires
more steam than was called for 1in the design; as much steam 1s used
at all times as is avallable from the power plant.

%. Plate efficiency for the HzS-HDO lsotoplc exchange has
proved to be greater than was assumed 1n the design calculations. The
design plate efficlency of 40% would permit recovering 16.4% of the
D 0 present in the feed water under design conditions of temperature
and pressure, (see Table VI). The actual plate efficlency of approxi-
mately 60% permits recovery of about 18% of the D0, agaln under -
design conditions of temperature and pressure. )

4. "Ppime on stream" for the GS unlts has been increased and
approaches 98% at Savannah River and 96% at Dana as compared to the
854 that was used in arriving at the original design rating.

It should be noted that heavy water productlon at Dana and Savannah
River is limited by the output of the GS plants and that the DW and E
plants have adequate capaclty to handle thils output. Extra capaclty
was provided in the original deslgn of the DW and E plants in order

to ensure that these "finlshing planta", the small and lnexpensive
tail end of the process, would under no cilrcumstances be a "bottleneck"
that limited the output of the large and expensive front end.

COSTS

In discussing the cost of produclng heavy water, 1t 1s convenlent to
consider separately (1) investment, and (2) operating cost excluding
capital charges. These two costs can then be combined using the
amortization rate that fits the circumstances.

1. Investment The investment in the Savannah River'heavy
water plant 1s fairly accurately known since all equipment was in-
stalled at the site on one project. Some of. the capital equipment at
Dana, however, was built in 1940-43 as part of the Wabash Rlver
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Ordnance Works, and the actual cost of such ltems is nelther readily
available nor applicable: This old equipment includes the steam plant,
Ranney wells, pumps, reservoir, and pipe lines from the Wabash River
to the site, electric power lines, the DW plant, offlce bullding and
roads, fences, guard houses, etc.

The total investment in the Savannah River heavy water plant 1s about
$164,000,000, made up as shown in Table II.

TABLE I

Savannah River Heavy Water Plant Investment
Millione of

Process Plants . Dollars
GS Plant ) , 114
DW Plant 2.5
E Plant 1.5
Steam and Electrlc Power Facllitles 31
Water System 8

General Facilities - ¢office bullding,
cafeteria, shops, roads,
fences, guard statlons, etc.* T

164

* This includes mainly the service and general facilities in the heavy
water area and does not include any major share of the central
administrative and service facllitles at the Savannah River Plant.

Some comment on the difference in capltal costs between the two

heavy water plants is appropriate at this point. Taking $16%,000,000
as the capital investment in the heavy water plant, and dividing this
by 470 tons (the annual production), the "investment per annual ton"
i1s about $348,000, or "per annual pound” about $i74.

The "new money" spent at Dana beginning 1n 1950 was about $100,000,000.
As previously noted, however, steam, electrlclty, water, a developed
slte, and some process equipment were available at the start of the
project. The value of these items can only be approximated. A rough
estimate, Indicates that the cost of building new in 1950 those )
facllities which were already avallable for use in the heavy water
‘plant at Dana would have been about $40,000,000. A representative
figure for "investment per annual ton” for Dana would be about
$325,000 or "per annual pound" about $163.

As previously noted, more of the equlpment in the GS plant at Savannah
River is made of stainless steel than at Dana and thle stalnless steel
is generally of higher quality (more corrosion resistant). The GS
units are arranged 1n three groups of eight, and two of these groups
have towers that are lined wlth stalnless steel. It 1s estimated that
the construction materials of higher quality at Savannah River added
about $10,000,000 to the cost of the GS plant.
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Soll-bearing conditions were less favorable at Savannah River for -
installation of the tall, heavy towers used in the GS units. This is
estimated to have added about $5,000,000 to the cost of the GS plantn

The (S equlpment at Savannah Rlver 1s spread out more than 1s that at
Dana. The Savannah plot plan 1s favorable as regards control of the
Ho8 hazard and accessibllity for maintenance. The increased spacing
between major pleces of equipment, however, added an estimated
$4,000,000 to cost of piping and instrumentation.

Finally, the use of the series cascade in multiple units at Savannah
River added to the cost of the GS plant, as previously noted. The
added cost for this feature 1s estimated to be about $6,000,000.

The direct operating cost for the production of heavy water at the
Savannah River Plant is summarized in Table III. The total cost of
$13.41 per pound applies to a production rate of about 490 tons per
year, and will vary considerably with production rate. This cost does
not include any depreciation or similar capital charges.

TABLE III

Cost of Production of Heavy Water

Quantity per Cost per pound

pound of D=0 of Dg0
Direct Preoduction Cost

Feed water, M gal .88 $0.40
Hydrogen sulfide, 1b 0.7% + 35
Total materials S75°
Salaries 37
Operating labor .93
Miscellaneous supplles and expenses .15
Total direct production cost 2.20

Direct Maintenance Cost

Labor 1.32
Material ' 49
Total direct maintenance cost 1.81
Utllities
Electrical energy, kwh l 320 1.33
Steam (900 psi equiv), M 1b 6.4 4,40 -
Cooling water, M gal. 21 .12
Miscellaneous . .06 .
Total utilities cost . 5.91
Total Direct Cost . 9.92
Administrative and General Expense (overhead)+ 3.49
Total Expendltures . L 813,42

# The princlpal single ltems entering into thls'cost are:

Analytical control $0.36

Tfechnlcal assistance .25

Maintenance supervision .30 .

Patrol {guarda) : .31 : .

The remalning overhead costs are widely distributed over the usual
adminiatrative and service activitles.
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THE GS PROCESS
FUNDAMENTAL PRINCIPLES

EQUILIBRIUM CONSTANT

The GS process is based on the faet that, in a liquid system Involving
hydrogen sulfide and water, four compounds exist, Hs0, HDO, HaS, and
HDS#*, These are interrelated by the reaction

Ha0 + HDS = HDO + HaS (1)

the equilibrium constant for which is

- (HDOJ g [HzS]g - (2)
x  [Ha20]y [HDS],

This equilibrium constant, and hence the relatlive proporticns of the
above components in an equilibrium mixture, varies wilth temperature.
At low temperatures the reaction 1s displaced further in the directien
to HDO + HoS than it is at high temperatures. This'temperature effect
is the basils for the use of HoS as a separating agent for heavy water.
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FIGURE § - SCHEMATIC ILLUSTRATION OF THE PRINCIPLE OF DUAL.TEMPERATURE SEPARATION

* At higher concentration D,0 and D,8 enter the plcture, bhut the
essential principles are not affected. -

** Formula shown in brackets with subscript g, e.g., [(HDO)y
indicates molar concentration, liquid phase, and the subscript
g€ indicates molar concentration, gas phase, e.g., [HDS}g in
equation (%),
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USE OF THE VARIATION OF EQUILIBRIUM CONSTANT TO ACHIEVE SEPARATION

That such a separation is qualitatively possible may be seen by ‘¢dn-
gideration of a system of two vessels through which HoS gas 1s
clrculated in serlies, countercurrent to a stream of water. The
arrangement 1is shown in Filgure 5. In this simplified 1ilustration,
gas 1s bubbled through one pool of liquid in each vessel. Secondary
considerationa of humldity and solubility are ignored, but it should
be noted, however, that HzS 1s soluble in water and is free to enter
and leave the liquid phase so that HDS can transfer and reach
equilibrium between gas and liquid phases. The system will approach
a steady state with the pools of 1liquid in equilibrium with the gas
stream at thelr respective temperatures. Equation (2) can be rewritten,

[HDO] g _ [HDS :
(Hz01¢ ~ "x THz812 (3)

In the idealized case assumed for 1llustration, and as an approximatlon
in actual operation, the ratlo [HDS]y/[H=S]; may be considered to be
equal to the ratlo in the gas phase. Also, at low concentratlons
[H20]; and [H28), are essentially unity so that, again approximately

[HDO) ; = K, [}ms] (%)

As has been pointed out, K, varies inversely with temperature, so its
value in the cold vessel, Kx 1s greater than in the hot vessel, Kxh'
This difference in the value of the constant allows the liguld 1n the
cold vessel to be in equilibrium with the circulating gas at a higher
concentration than 1s that in the hot. Stated algebralcally,

Kxc > Kxh ) . (5)

hence from equation (4)
[HDO) g > [HDO) gn (6)

If nothing 1s removed from the system at P, -at steady state the con-
centration in the hot vessel must reach the level of the feed con-
centration, and the concentration in the cold vessel wlll attain a
value that is somewhat higher. Some materlals may, however, be with-
drawn at P. This will lower the concentration in both vessels some-
what, the hot vessel (i.e., waste) falling below feed concentration
and the cold vessel (i1.e., product) remaining above. The system thus
becomes productive; the feed is spllt 1lnto two streams, one of higher
and one of lower than the initial concentration. .
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APPLICATION OF THE PRINCIPLES TO PRACTICAL OPERATING CONDITIONS

The simplifications that are used-for 1llustration of the principle of
the GS process are not permissible‘inh the chemical engineering calcu-
lations that are necessary for the deslgn of equipment, and the two-
vessel system that 1s used as the example would procduce no worthwhile
gain in concentration. In order to- achleve practical results, the
princliple must be applled to the gas-llquid system with proper
attention to solubilities and volatilities, and to a continuous
countercurrent mass transfer operation:so. designed that severalfold
concentration may be obtained in a single pair of hot and cold vessels.

OVER-ALL DISTRIBUTION CONSTANT

As the foundation for the ehglneering application of the process, it
1s necessary to have an accurate relation between the concentration of
deuterium in the gas phase and that in the liquid phase. It has been
found that these concentrations are related as follows:

(a-y) g ' (7)

(1-x)

R

where x 1s the mol fraction of D 1n the llquid phase and y is the mol
fraction of D in the gas phase.*» : - :

In equation (7) B 1s a constant whose value -is fixed principally by -
the value of Ky, but which also includes proper allowance for the
volatility and solubility of the several components involved. The
equation for B in terms of these 1s -

(1 + H}(S + Kx)
A= a1l + s)(1++ ﬁxx) (8.)

* The designation of concentration of deuterium, the signifilcant
isotope in heavy water process systemas, requires some explanation.
Deuterium may be present either as the only hydrogen 1sotope or as
the half-deuterated molecule e.g., D0 or HDO {See Appendix A), DaS
or HDS, Dz or HD, etc. For simplification, the concentration of
deuterium, or heavy water, 1s usually expressed as equlvalent D, or
D20. Thls is the same as the atom percentage of D, D/(H4D) x 100. -

The pertinent concentrations in the caleulations ag they are set up
are the over-all concentrations of deudterium in the liquld and gas
phases. The concentration in the liquid phase includes D0 and HDO,
liquid, as well as dissolved DpS and HDS gas. The concentration in
the gas phase includes D,S gas and HDS gas, as well as D0 and HDO
vapor. Mol fractions, again, are in effect the ratio D/(H+D).
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In which, i

H = mols water vapor per mol of gas in gas phase

S = mols sulfide gas per mol.of water, dissolved in 11qu1d
phase

a = relative volatility of HDS vs. HzS, assumed te be equal
to relative volatility of HDO vs. HZ0, which value 1is
known and used

_ (s)
o = 1.1596 e 05 ¥3/T
. (s)
K = 1.01 e2T
x .
T = temperature in degrees, Kelvin

A sample calculation of B is given in Appendix B, and graphs of B vs.
pressure and temperature are shown 1n Figures 6A and 6B.
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In Figure 7 1s shown a typical x-y diagram for this system at two
temperatures, 30 and 120°C, From equation (7) 1t is apparent that at
low values of x, and therefore of y, the ratlo (l-y)/(1-x) is :
essentlally unlty so that’

X
B = (9)

This is the equation of a straight line through x = 0, y =0, with
a slope equal to 1/8. This straight-line relation holds wilth sufficlent
precision for this work up to about 1.0% concentration. '
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FIGURE 7 - GENERAL GAS-LIQUID EQUILIBRIUM DIAGRAM FOR DANA DESIGN CONDITIONS

CHEMICAL ENGINEERING APPLICATION OF ' THE PROCESS

FQUIPMENT FOR CONTINUCUS PROCESS

In the discussion of the fundamental basis for the @S process, 1t has
been shown possible, through the medium of gas reclrculatlon, to
dischérge a waste stream of less than feed concentratlon from a
two-vessel, dual-temperature system, thereby permitting drawoff of
product at some higher concentration. In order that the product be
produced at significantly higher than feed concentration, 1t is
necessary that the cold and hot vessels be arranged as countercurrent
scrubbers. The concentration at bottom of cold and top of hot towers
can be bullt up by feeding natural water to the top of such a cold
tower and then 1in serles down through a hot tower whence 1t leaves as
waste, and meanwhile circulating gas upward, first through hot and

-~
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then cold towers. A simplified diagram of such a system, including the
principal necessary auxiliaries is shown in Figure 8. These auxiliaries
are the heat exchange equipment that 1s required to bring about the
temperature changes between hot and cold towers and the stripper which
prevents loss of HzS in the waate stream. All of these units are
integrated into a heat recovery system which will be the subject of a
separate discussion.
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FIGURE 8 - SIMPLIFIED PROCESS DIAGRAM OF A ONE-STAGE GS UNIT

INTERRELATION OF GAS AND LIQUID FLOW RATES

For the present, it is only necegsary to note that wlth the aid of
equipment such as 18 indicated in Figure 8, the system that has been
specifled can be operated under steady conditions and without loss of
the carrler gas, HzS. It 1s important to note gualitatively at thils
time, that the respective liquid and gas flow quantities are not egual
in the two towers, and that generally the flow ratios are also
different. These differences are due to the internal recycle of water
within the hot tower, and to a lesser recycle of gas in the cold
tower. Water vapor 1s added to the cold gas stream as it is heated at
the bottom of the hot tower and 1s subsequently condensed and removed
from the hot gas stream that leaves the hot tower. The condensate is
added to the 1ligquid stream that enters the hot tower. A similar but
much smaller internal recycle of gas occurs in the cold tower because
of the solution and dissclution of HaS in the liquid. Both liquid and
gas flows In the hot tower are thus greater than they are in the cold
tower, and by roughly the same increments., The effect of this is that
the flow ratlo in the hot tower has a value between that of the ratio
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in the cold tower and unity. 1In the GS operation as carried out at

the Dana and Savannah River Plants, the hot tower ratio is always higher
than 1is the cold tower ratio since the concentration in the highest
stage 18 less than 504. The ratio of liquid to gas flow in one of

the towers may be set independently, but the ratio in the other 1is

then fixed by the physical conditions of the system and the consider-
ations that have been pointed out.

SubJect to the limitations indlcated, 1t 1s possible to arrange cold
tower flows and hot tower flows so that the values of the liquid to
gas ratios fall between the values of the slopes of the equilibrium
lines. That 1s, for the low concentrations, '

=), () 8
h h c ¢

On the usual graphical representation of a-serubbing or stripping
process the value of L/G 18 the slope of the "operating line", that
18, the line that relates actual gas and liquild compositions through
& column. Typleal equilibrium and operating lines for a hot tower -
cold tower system are shown in Figure 9. Inspection of this fipgure
will show that 1if the flow ratios are 80 chosen as to make the
operating lines fall between the egquilibrium lines [satisfyiﬁg equation
(10)], then throughout the cold tower there will exist a driving force
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FIGURE 9 - GENERAL McCABE-THIELE DIAGRAM FOR A ONE-STAGE GS UNIT
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that tends to cause deuterium to migrate from gas to liquid, and in
the hot tower from liquid to gas. Since this 1s so, deuterium can be
absorbed in fresh feed water from concentrated gas in the cold tower
and the concentrated gas can be produced by stripping D from waste
water in the hot tower. As pointed out earlier, the waste can leave
the system somewhat depleted in D, and through the mechanlsm Juast
outlined, a concentrated product can be made available.

TERMINAL GAS AND LIQUID COMPOSITIONS

In connection with Figure @, page 37, the relative values of the
terminal concentrations of gas and liguid streams in the two towers
are of interest and are readily explalned. To understand the positions
of these terminal points on the diagram it is necessary first to recall
that at all points in the system the ratio of D to H as the oxide,
HDO/M20, is about twlce the ratio of D to H as the sulfide, HDS/HzS.

The significance of this 1s that the removal of water vapor of
relatively high D content by cooling and condensing hot gas results

in a lowering of the over-all percentage of D in the gas phase, and
similarly, flashing of dissolved gas from cold soclution as 1t 1g heated
results in an over-all increase in percentage of D in the liguld phase.

The feed to the first-stage cold tower 1s water that contains the
natural concentration of D, about 0.0147 mol per cent, and no dissolved
Hz5. The filrat concentration effect aa this liguid enters the cold
tower 1s a drop in the value of x from Xxp to Xt,, brought about by the
solution in the water of about 3 mol % of H-S having a D concentration,
Ytc» Which 1s about half of natural abundance., Following the gas
stream from the top of the cold tower to the bottom of the hot tower,
the concentration lncreases from Yte £O Ypp» a@n efffect that 1a brought
about by the addition of water vapor to the gas by evaporation of water
in the humidifler and by the injection of the steam-gas mixture from the
stripper. Thils water vapor has a c¢oncentration, Xph (assuming that
waste water 18 used for humldification and that all steam goes through
the stripper) which is about twilce Yie® At the top of the hot tower
the gas has some concentration Y¢nh» depending upon the flow ratlos and
number of theoretlcal plates. A8 the gas passes through the primary
and secondary condensers and into the bottom of the cold tower, water
vapor 1s condensed and returned to the hot tower. This removal of
vapor of relatively high D content reduces the concentration in the

gas phase from Yeh YO Ypeo

The effect of liquid phase concentration between the bottom of the
cold tower and the top of the hot tower is of less consBequence, but is
explainable similarly. Here, the primary effect is the flashing of a
relatively small percentage of gas from the liquld, raising the
concentration only slightly from x,. to xip.



SELECTION OF OPERATING CONDITIONS

The combination of operating conditions, that 1s, of temperatures and
pressures, for large-scale applicatlon of the GS process, was chosen
as a reasonable compromise between several somewhat opposing factors.
In general, the net separatlion that is available increases as the
temperature spread between hot and cold towers becomes greater. Also,
the equipment that is needed 13 smaller as the pressures at which the
process is operated increase. (Because of the quantitles of gas to be
eirculated, the possibility of operating the two towers at appreciably
different pressures 1s guite out of the question economiczlly.)

The temperatures of formation of a liguld phase of HzS and of a solid
Hz5-6H20 hydrate vary with pressure and fix the lower limits of
temperatures for operation of the G8 proceas. These temperatures are
tabulated in Table 1IV.

TABLE IV

Temperatures of Formation
Of Liquid HeS and Hz3 Hydrate

o
Temperature, C

Pregsure, psia H-S Hydrate HzS Liguid
15 1.1 _ -—
30 7.5 -—-
50 12.2 -—

100 18.6 -—
200 25.0 -—
300 . 28.9 —-
325 29.5 2G.5
koo _—— 38.6
500 ———— 43,3
600 ———— 56.1

As the temperature of the hot tower 1s increased, the ratioc of water
vapor to H=S increases, regqulring greater tower cross sectlon. In
general, lncreased temperature spread between the hot and cold tower
can be obtalned only at the expense of larger heat transfer equlpment.
In the gas cooler-condensers the effect 1la most pronounced because of
the rapid increase in latent heat load as the water-vapor content of
the gas 1increases with temperature. The latent heat load 1s also
Increased as pressure 1s decreased, for a given set of temperature
conditiona. As pressures are increased, apart from considerations

of hydrate formation and HzS condensation, The usual problems of
leakage, equlpment design, and safety are accentuated.

The design conditions for GS plants at Dana and Savannah River are
shown in Table VI, page 59. They represent a practlcal compromise
of the many factors of the sort outlined above when applied to the
physlcal locatlon of each plant.
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The calculaticns that are neceasary to determine such engineering data
as the numbers of plates regquired 1n the towers, and the quantity and
concentration of heavy water that 1s produced are carried ocut by
essentially the same fundamental technlgues that are used for gas
absorption, dilstillaticn, and similar diffusional processes. These
techniques are based on straightforward material balances over
pertinent sections of the process equipment.

RELATIVE GAS AND LIQUID FLOW RATES

One of the most useful sections over which to make such material
balances i1s outlined "AA" in Flgure 10, from which a number of pertinent
equations can be derived. From an over-all balance of total flows,*

- 1
Ly + G, =L + 0 + L o (11)

An HaS balance without regard to isotoplc content results in

(s,) 0 (s,) a0
L @ +°scj * O Ty H) bh T+ 5) "G T+ ) * o (12)

assuming that product, Lp i1s stripped of HzS.

A similar water balance gives

(%) | (1)
(1) h (1)
L T% 57 % T+ W B W R 50 ¢ T +ch) +L, (13

and, on the basis of total deuterium, irrespective of molecular specles,
= ' 4
xch + thh thh + ych + xpr (14)

Under steady operating conditions, each of these equations must be
satisfled. Equations (11), (12), and {13) correlate the over-all
flowe of the carriler streams irrespective of deuterium content. Since
in these equations, S and H, the mol ratioc solubilitiles and humidities,
are consatants that have been flxed by the conditions of operation, and
P, the product rate 1is generally fixed, the equationa may be solved to
determine hot tower flows as related to cold tower flows. It should
be noted, however, that there are actually but two different equations
relating four flows so that the absolute flow rates are not fixed.

Any two flows or one flow ratio may be set, and the other flow
calculated relative to them. Calculations that involve the concentration
and production rate of D20 are based on equation (14) after the
relative values of L and G have been determined.

* For definition and explanat%on of symbols see Appendix C.
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FIGURE 10 - KEY DIAGRAM FOR PROCESS MATERIAL. BALANCES

EQUATIONS OF THE QPERATING LINE

Materlal balances analogous to equation (14) may also be made over
the lower section of the cold tower ("BB" in Figure 10) and over the
upper section of the hot tower ("CC" in Figure 10). For the cold
tower, ‘
Lx +@ =Gy +LZX
e’ e e’c ¢

e be be (15)

in which X, and yc are the corresponding liguild and gas phase
composltions for dny plate in the tower. From this,
LS R
c - (6) Ybe ()

- (16)

This 1s the equation relating y , the concentration of D in the gas

from any plate, to x , the concéntration in the liguid on that plate, or

the "operating line"®of the McCabe-Thiele-type diagram for calculating

concentrations through the tower. Since x e and vy are the fixed

terminal values for the tower and I and G - are congtant flow rates,

the equation 1s that of a straight iine ofcslope LC/GC, and y-intercept
Lccbc

Yve =G
; c
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The analogous equations for the hot tower are, by material balance
over "C¢",

®hVh * In¥en = %¥en * In*n (17)
and I N vy | (18)
R S S

RECOVERY OF D20 FROM FEED - SIGNIFICANCE OF THE X-INTERCEPT OF
OPERATING LINE ‘

Equation (14) may be rearranged as follows:

(chc B chc) - (thh - Ghyh) - Xpr (19)
In this equation, x I , 1s the guantity of product material withdrawn
times 1ts D20 contegt? in other words, the net recovery or production
of D20 for the system. The term (L X -Gy ) represents the net
tranasport of D20 down the cold tower, towa%dcthe polnt of product
withdrawal; the term (L. x -~ Ghyh) represents the net transport down
the hot tower, away from ghe point of product withdrawal. For the
generalized values of x and y in equation (19), the terminal values
for the bottom of the cold and top of the hot towers may be substlituted

[see equations (15) and (17)}]), giving:

(LyXpe = Ge¥pe) - (thph - Gy = X0y (20)

Returning now to equation (16}, the equation cf the operating line, by
getting y = 0 and letting the corresponding value of x = xc , the

followingcrelation i1s obtained, 0
L L
%Ef;;co + ¥y éagéﬁbc =0 - (21)
Whence, :
chco *G¥pe = Lo¥pe = 0 (22)
and
chc = (chbc - chbc) (23)

Q

Similarly, for the hot tower, 1f y_ = 0 and the corresponding value

of x 1is X from equation (18) is obtained
O
thho = (LyXen - OVen) (24)
Substituting {23) and (24} in equation (20)
L X - X =x L
e, Ly = *plp (25)
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This equation is of interest since it relates the recovery.or productlon
rate to liquid flows only, and since the terms X, and Xh_ are,
respectively, the x-Intercepts of the cold and ho% tower operating

lines on the gas-1liquid concentration diagram for the system. The
relative positions of these intercepts for normal operation of a
first-atage tower pair is indicated in Figure 11l.

Yo e
) hl -

FIGURE 11- DIAGRAM ILLUSTRATING X-INTERCEPTS OF OPERATING LINES

It will be noted that for normal operation X, 1s negative and X,

i1s positive. The effect on these Intercepts of deviatlions from
normal operation will be discussed later. The values of these terms
have no physical significance but are valuable for use in calculatlions
involving the GS process.

EFFECT OF CHANGES IN RATE OF PRODUCT WITHDRAWAL

It 1s informative to comment at this point on the effect of rate of
product withdrawal on the operation of a GS process unit, whether of
one or of several stages. It should be noted that operating
temperatures and pressures of the unlt are restricted to falrly narrow
ranges by design, that the flow rate of gas through the system 1s
logically held at maximum permitted by tower gize, and that flow of
liquid must be held in proper ratioc to flow of gas. The determination
of these rates will be discussed later. -If these flow rates are
maintained, however, for that matter at any steady condition of
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operation, the concentration of product that 1s withdrawn from the
unit will be a functlon of the rate at which 1t is withdrawn, the
highest concentration belng attained as the rate approaches. zero.

The reason for the interdependence of rate of withdrawal and quality
of product can be seen wilth the ald of Figure 12. On thils figure,
essentially similar to Figure 11, are shown two additional sets of
operating lines. One pair of these lines, Figure 12a, passes through
X =0, ¥y =0, 80 that from equation (25) it 1s apparent that the
production of Dz0 must be zerp. Comparison of the length of the

steps (each achieved by one theoretical plate) on the concentration
dlagram with those for normal conditions (Figure 12b), shows however,
that the concentration that is achieved in the number of plates
available will be very much greater for operation with no net
production ("locked in") than for normal operation, In Figure 1l2c the
case 1a shown for maximum recovery and (wilth any finlte number of
plates) negligible concentration gain. In this case, the operating
lines are displaced laterally, away from the origin, and are made to
intercept the equilibrium lines at the feed and waste concentrations.

A stepwlse increase of concentration cannot be indicated for thils case,
and in fact, the condition 1s significant only as a limiting condition.

FIGURE 12 - EFFECT OF RATE OF RECOYERY ON CONCENTRATION GAIN
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STAGING

The concept of the x-Intercept as 1t 1s related to recovery and unit
flows leads logically into a discussion of the matter of staging. In
Figure 11 1t can be seen that since the operating lines diverge from
the equilibrium lines as concentration increases, the concentration
gain per theoretical plate increases, the increase being exponential.
The gain per plate also depends on the location off the operating line
laterally relative to the equilibrium 1line, that i1s to say, upon the
X-intercept. For a given net-recovery of product, then, a pair of GS
towers can be designed for relatively small gain per plate, necesslitating
a large number of plates but relatively low ligquid and gas rates and
hence low tower cross section { see equation (25)], or at the expense
of tower area, the number of plates can be reduced. With natural
water feed at only 0.0147 mol % D20, the X~intercepts for the

GS unit operating lines must be very near to zero in order to achleve
any concentration. This means that for significant production, high
flow rates and large equipment are needed. As the concentration
increases through the towers, however, the possibllity arises of
shifting the operating. lines to increase the apread between the
¥-intercepts, and thus to permlt the product to be carried at lower
flow rates but with smaller galn per plate and hence at the expense
of more platea. This possibllity is illustrated in Figure 13.

Xng Yo HegX'gg W oox X, 2
X,

FIGURE 13 - ILLUSTRATION OF THE EFFECTS OF STAGING
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In this figure, the first-stage cold and hot tower operating lines
have intercepts X, and X, , respectively so chosen that the galn per
plate at the low-concentragion end of the dlagram wlll be reasonable,
though small. Within about 10 plates, however, the gain per plate
reaches about fourfold the initial value. At this point it 18 possible
to spread the operating lines (they remain parallel to theilr former
positions) so that they intercept at x{ and xﬁ . This permits
reduction of absolute flows in the hot gnd coldotowers by the ratiocs
Xp . /Xpt 8nd X, /Xc1, respectively, (reduction in tower cross section)
bug regults in"reveérsion to small steps on the concentration diagram.
Note that 1f the large stepa of Stage 1 had been continued, instead of
staging after 9 theoretical plates, the concentration Xa. Would have
been attained in 12 plates instead of 18. Staging is ecgnomical
because the reduction of flow rates, and hence diameter of towers,
holdup of product, and size of auxiliary equipment, outweighs the

cost of additional plates and tower height.

INTERSTAGE TRANSFER

The stages of a GS unit could be interconnected in a number of ways.
The arrangement whilch 18 being used is, however, probably the simplest
80 far as equipment 1s concerned. A simplified flow diagram for the
system that is used at Dana 18 shown 1in Figure 14, A portion (at Dana
25%) of the 1iquid leaving the cold tower of the first stage (CT-1),
instead of golng to the ligquld heater and thence to the hot tower
(HT-1), 1s pumped directly to the top of the second-stage cold tower,
(CT-2). The liguid passes downward through CT-2 and through the
second-stage liquild heater except that, again, 25% of the cold liquid
is pumped to the top of the third-stage cold tower. In the three-
stage unit that is illustrated, this last liquid stream passes in
serles through the third-stage cold tower, the third-stage liquid
heater and the third-stage hot tower. From the hot tower 1t returns

to the second stage, Jolning liquid from the second-stage liguid

heater to enter the second-stage hot tower. The liquid from the
second-stage hot tower joins liquid from the first-stage 1liquid heater,
passes through the first-stage hot tower and goes to the waste stripper.
The gas stream follows an exaktly analogous course countercurrent to
the liquid, with the exception that gas leaving the first-stage cold
tower 1s recycled to the bottom of the corresponding hot tower. In
Figure 15 this arrangement is shown in a different and qulte schematic
manner. The towers of the three stages are represented as vertically
superimposed blocks of progressively diminishing width. This diagram
polinta out more clearly than does Figure 1%, that the units are in effect
"conical" towers, diminishing in size as concentration increases, and
that until the last stage of the train 1s reached there 18 no stream
"that can properly be thought of as a "drawoff" of enriched material.
The stage-to-stage flows of gas and liquid are no different in function
from the plate-to-plate flowa within a tower.
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The system that 1s used at Savannah River 1s similar but involves
ohly two stages., The sBecond stage 18 composed of two towers and

two hot towers in series. A simplified flow dlagram is the same as
Figure 14, but without 2 Stage 3. The product 18 withdrawn from

the Stage 2 PC and SC condensate. On a design basils, about 294 of
the liquid leaving the cold tower of the first stage 1s pumped to the
top of the second-stage cold tower. Also, about 29% of the gas
leaving the top of the first-stage hot tower i1a directed to the base
of the second-stage hot tower.

Before leaving the subject of interstage flows 1t 18 of interest to
note the relative liquid and gas compoaltions wilth respect to D in the
four streams Joining two stages. Figure 16 1s an x-y diagram which
illustrates the situation. Points "a" and "b" represent the coexlsting
compositions at the bottom of the firat-stage cold tower and top of
the first-stage hot tower, respectively. Points "c¢" and "d" are the
respective values for the second-stage cold and hot towers. Since the
liquid at the top of the second-stage cold tower has come directly
from the bottom of the first-stage cold tower, Xto, = Xbey Similarly,
Ybh, = Ytn One of the coordinates of both "e¢" and "d" are thus

fixed and %he other is determined by the flow rates chosen for the
higher stage in accordance with the flow rate - recovery relationshlps
that were previously discussed. The values of Xth, and yhe, are the
values that would be obtained if there were no higher stage connected.
Actually, both would be slightly lower because of the return of more
dllute material from Stage 2.

\'n'. Y&.

o

X

FIGURE 16 - DIAGRAM ILLUSTRATING INTERSTAGE CONCENTRATIONS
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In connection with the consideration of Interatage tranafer it is
important to note that the design rate of transfer of product from

one stage to another can take place only if the design concentration
of product 1a maintained. Referring to Figures 13 and 16, for given
recovery and flow rates, the slopes and X=-intercepts of the second-
stage operating lines are fixed. The operating lines intercept the
equilibrium lines at I. and I, , and these points represent the minimum
concentrations at which the net production can be transferred into the
second stage, regardless of the amount of further concentration that
may take place there. Actually, Ic and Ih are limiting values that
would result in negligible increase in concentration over any real
number of plates in Stage 2. For the design concentration increase

to be achleved in the second stage, with fourfold reduction in flows,
the first stage must first have achieved its fourfold concentration

of feed water,

CALCULATION OF CONCENTRATION AND NUMBER OF THEORETICAL PLATES

The concentration that will be attained in a gilven number of plates,

or the number of plates that are required to achieve a glven
concentration in a GS unit may be calculated by procedures equlvalent
to the McCabe-Thiele method that is commonly applied to distillation
problems. In order to use these Procedures the equations of the
operating line, that 1s, the slope, (L/G), and the intercept” (or some
other point on the line) must be fixed. Assuming that the number of
theoretical plates in the hot tower of a unit is to equal the number

in the cold tower, optimum results will be obtalned from the system
when the following two conditions are met, first, that the ratio of

the slope of the hot equilibrium line to the gslope of the hot operating
line equals the ratioc of the 8lope of the cold operating line to the
slope of the cold eguilibrium line, and second, that a similar equality
exlats between the ratios of actual and equllibrium gas composltions

at the top of the cold tower and the bottom of the hot tower. The
Tirst of these conditions may be expressed as

mh/hh N Rc/mc (26)

where m = slope of equilibrium line, 1/B
R = slope of operating line, L/G

From which, Lc 1 1 Lh
G / B =B / T (27)
. c o] h h
The second conditions may be expressed,
Xte  Pn Yon :
B - =1 (28)
e ytc xbh

Where u 1is the degree of approach to equilibrium* in the tower.

¥, If the value of u 1s 1.0, the operating and equilibrium lines inter-
sect at Xio and xbh and an infinite number of plates would be required.
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Equation (27) provides a third relation between tower flow rates that
can be used with equatilons (12) and (13) and solved for the optlimum
ratios. The value of u defines the intercepts of the operating lines
and hence the recovery of D20 achleved,

Under the conditions of temperature and pressure that were selected
for the Dana GS process, the upper limit of recovery 1s 204 of the

D20 content of the feed water. To attain this percentage recovery
would require an infinite number of theoretical plates, but the flows
and hence the cross-sectional area of the towers would be at minimums.
The design recovery of 16% represents a practical compromise between
these opposing factors. For a recovery of 16% the value of u 18 0.98.
The selection of a numerical value for u 1s the starting point for the
equipment design of a GS unlt which will produce a given number of
mols of heavy water with a given concentration gain in each stage.

The factors determining the relative values of the terminal concentrations,
Xpor Yoo Xopo and y. . have been pointed out gualitatively on page =8,
ngntiEativeEy, for Ege conditicns chosen, the relationshlips are as
follows:

: *te (29)
Yte¢ “ 0.98 B
. C

0.98 x
AR -

The value of Ybh is tled to that of yi, and Xpp by conslderations of
material balance. The total gas flow, Gh in the bottom of the hot
tower which has the compeaition Yon? is made up of Gy, the gas from
the top of the cold tower, the HzS stripped from L, in the waste
stripper, which can be designated as Gg, and the remainder, G, water
vapor supplied by evaporation in the humidifier and wilth the gas from
the stripper. The quantities are related as follows:

Gy =G, + G+ G (31)

(s,)

S = [T+ 5, (32)

G +L ~-1L
c o ¢

o
I

(33)
L, (1 +8,) (3%)

=
I

The corresponding compeositlons are

G ==~ Yon
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G, --- ¥, ¥ o=

Go - ytc

Sy """ *un

An equation can thus be written that relatea these concentratlons and
quantities as follows:

( .
a.y Gy, +G6G m%—(}x (35)

h'bh - “ote 8 W bh
(Kxh)

This 1s simply a deuterium balance around the bottom of the hot tower.

Within the limits of precision of the data, and within the operating
limits of the process flows, X, . can be taken as 1.45 x 107* (mol
fraction) 1f X, 1s 1.47 x 10™*.” The difference, 2 x 10°%, is small
and relatively constant since it results from diasolving in 100 mols
of feed water about 3 mols of HzS which varles In compesltlion from

6 x 10°° to 7 x 10”° over the range of operations encountered.

With the concentration at the top of the cold tower and bottém of the
hot tower of the first stage defined, and the liquld and gas rates

and hence the slopes of the operating lines known, it 18 now possible
either to determine the number of theoretical plates that are required
to attain any assumed concentration, or to calculate the concentration
that will be reached with a glven number of plates. Thils may be done
graphically by drawing in the individual steps between accurately
drawn operating and equilibrium lines or, since in the dilute reglon
which is of most concern, both operating and equilibrium lines are
straight, the probl?g)may be solved algebraically. For this solutlon
the Colburn method or its equivalent may be used. The Colburn
equatlon is:

N = log [(1-P} M + P]
P log 1/P - (36)

In the reference article as well as in Perry (7), charta are presented
for simplified solution of this equatlon. In the equation, P 18 the
appropriate ratlo of sleopes of operating and egullibrium lines. 1In
the cold tower,

Il'lc=
= = f

PC R . \37)

c
and in the hot tower

Rh

=i 3

Py (38)



The term M 1s the enrichment ratio for the tower. In the cold tower

Yhe ~ Mc*te
M=y Tmx (39)
te ¢ te
in the hot tower

*th ~ Ybh
Mh=—~7?L (40)
*oh ~ Yph
™
Since the slopes of all lines are known, can be calculated from
ybc and Xio? and Yen can be calculated from X and Yon*

This equatlon 18 equivalent to a more general form whilch has also been
used,

n
Q -1)
A=ail-l (41)

(Q-1) ;
in which a is the enrichment obtalned in the flrst theoretical plate,
A is the enrichment over n plates, and Q 18 the reciprocal of P.

The relatlonships of the varlous terms used in the above equations are
1llustrated 1n Figure 17. A sample calculation of optimum liquid and
gas flows and terminal concentratlons for a Dana first-stage unit is
presented in Appendix B.

I
T

u &I

FIGURE 17 - McCABE-THIELE DIAGRAM ILLUSTRATING METHOD FOR CALCULATING
CONCENTRATION GAIN AND NUMBER OF PLATES
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PLATE EFFICIENCY

All of the calculatlons of concentration attained in the GS units are
based on theoretical plates. The actual plates in a tower are not,
however, 100% efficient, that 1s, they do not succeed in bringing the
gas and liquid composltlons to the values that correspond to successilve
steps on the McCabe-Thlele dlagram for the tower. The plate efficlencies
for the (S process, l.e., the ratio of the number of theoretical plates
that are required for a glven concentration gain to the number of actual
plates, expressed as a percentage, were originally estimated to be 43%
in the cold tower and 50% in the hot tower. The design production and
yield of the unlts were based on these figures. As has been polnted
out, the plate efficiencies are actually about 60% 1n the cold towers
and 65% in the hot towers. These higher efficlencles have increasec

the degree of approach to equilibrium (u) to about 99%.

EFFECTS OF DEVIATIONS FROM OPTIMUM FLOW RATIOS

In order to get some 1dea of the precision of control that must be
maintained for satisfactory operation of the GS process 1t 1s necessary
to investlgate the manner in which deviations from design conditions
may affect the operation, and to evaluate the magnltude of such effects.
It has already been stated that there are optimum flow ratios for the
syatem, and that assuming an equal number of theoretical plates in

the hot and cold towers of a unit, the flows should be such that the
ratios of slopes of the operating and equilibrium lines In the two
towers are equal. The number of theoretical plates in a GS unit is
fixed, neglecting the effects of slight variations in efficiency that
may be caused by changesa in flow rates. Since this i1s so, the number
cof asteps on the McCabe-Thiele dlagram for a tower operating between
any termlnal concentrations 18 alsc fixed. The flow rates in the
gystem are varlahle, that 1s to say, controllable, subject to the
physical considerations that interrelate those flows. The significance
of thils is that 1f the concentration of D20 at the base of the ¢old
tower of a GS unit is maintailned at a prescribed value through
adjustment of rate of product withdrawal from the system, and the
liquld-to-gas ratios are varied, the concentration gradients within

the towers will adjust 8o as to shift the operating lines laterally
and thus to maintain the number of steps between top and bottom
concentrations equal to the number of available theoretical plates.

The manner in which such shifts may occur 1s 1illustrated in

Figures 18a, b, and ¢. In these three diagrams, cases for optimum,
low, and high liquid-gas ratios are shown. The diagrams are drawn

in approximately the right proportions to correapond with Dana GS
first-stage operation, but show only nine theoretical plates 1in each
tower so that the scale can be sufficlently large to illustrate the
points to be made.
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Figure 18a is the diagram for normal operation in which the conditions
of equations (26) and (28) are met. In this dlagram which 1s to serve

as a datum for comparison, the distance r, and the spread between x

and x,, are roughly proportional to the recovery (production) of D20 in
the unit. Figure 18b 1is so drawn that with ligquid - gas ratios reduced
below the optimum values until the cold tower operating line is parallel
to the equilibrium line, and with the slope of the hot tower line reduced
correspondingly, there are still nine theoretical plates indlcated in
each tower to reach the terminal concentration xg. It 18 .apparent that
under these condltlons the recovery as indicated by r' and the difference
between feed and waste composition, x, and x ' are less than in

Figure 18a. 1In Figure 18¢c the opposige case from Figure 18b 1s shown,
that in which the ratiocs are higher than optimum, wilth the hot tower
operating line parallel with 1ts equilibrium line., It 1s apparent

that the effect of deviation from optimum ratios in.this direction 1s
much the same as in the previous case. Careful comparison of the three
diagrams will disclose the manner in which the concentration steps
differ. 1In general, as the divergence of operating and eguilibrium

lines increase, the spread between the lines at the low-concentration
end decreases. :

a.
OPTIMUM |

T

[
HIGH LG

FIGURE 18 - McCABE-THIELE DIAGRAM ILLUSTRATING EFFECTS OF DEVIATION FROM
" OPTIMUM FLOW RATIOS
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The illustrated cases do not represent limits of the devlation of flow
ratios. Progressively greater deviation in elther the high or low
direction will further reduce the spread, r, and hence the recovery,
until for the glven concentration xg, r = o and x, = X,, and the net
recovery then becomes zero. In these cases the operating lines will
actually converge on the equilibrium lines in the hot and cold towers
for the high- and low-ratlo cases, respectlvely.

Quantitatively the effect of variation in liquid-gas ratloc for a Dana

GS unit is shown in Figure 19 and Table V. As 18 pointed out 1n the
table, the analysis was based for design purposes on the gas rate '
through the hot tower as the fixed limiting factor on throughput. The
feed rate to the system corresponding to this gas rate increases as

the 1liquid-gas ratios increase. The assumed concentratlon 1s the design
value for the base of the first-stage cold tower, approximately

fourfold increase over feed concentratlon.

The data shown for current plant operatian (Table V) have been computed
using current plant operating condltions and the experimentally
determined plate efficlencles.

The data that are presented in Table V and Figure 19 are based on the
assumption that the first-stage base concentration remalns at 0.06%,
and therefore indicate the loss in productivity that 1s caused by a
short-term upset of the liquid-gas ratlo. If the upset 1s of long
duration, concentration levels drop all along the cascade, and at a
lower first-stage base concentration some of the lost productivity
tends to be restored. The essential consideration, however, 1s that
high produection 18 attainable only by holding the flow ratic at or
close to the optimum value.

TABLE V
Effect of Varlation of Liquid-tc-Gas Ratio on Water
Feed Rate and Net Recovery of Product - Dana Unit

Basis: Design - Gh = 74,000 mol/hr in 4 HT's o o
Current average operating conditions, 30 CT, 135 HT

Feed Rate L _, Recovery,
R =L /G mol/nr ° mol D20/hr
c c c -
0.436 27,500 o]
0.460 29,100 0.875
0.481 20, 400 0.945
0.488+ 30,800 0.970
0.543 _ 34,400 T 0630
0.553 3k,900 0

*  Optimum
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FIGURE 19 - RECOVERY RATE vs. (L/G)¢ - DANA CONDITIONS

MID-COLUMN CONCENTRATIONS AS CRITERIA FOR CONTROL

It was found early in the operation of the Dana pllot plant that
analyses of samples taken from the mid-points of the hot and cold
towers provided the most useful and sensitive criterlia for control

of flows in the unit. Comparison of these analyses gave an indicatlon
as to the direction and approximate magnitude of deviation from the
optlmum ratlos.

In the pilot plant, operating "locked-in", that ls without drawoff of
concentrated material, the maximum concentration gain was achileved

when the concentrations at the mid-points of the cold and hot towers were
equal. That this should be so is apparent 1if three points are recalled.
First, for "locked-in" operation, when the system has bullt up to steady
concentrations, the waste from the hot tower has the same concentratlon
as the feed to the cold tower. Second, for the maximum concentration

to be attained, the values of P_ and P, the ratios of the slopes of

the operating and equilibrium lines in the towers should be equal.
Third, with zero recovery under the conditions postulated, two operating
lines will pass through the origin on the x-y dlagram. Under these
conditions the glven number of theoretical plates will achieve the

same concentration in eilther tower, and any inequality will be

evidence of deviation from the second of the three conditions, that is
of deviation from optimum liguid-gas ratios. The plates at the
mid-points of the columns are most sensitive to these devliatlons since,

- 56 -



no matter what flow ratios are held, the concentrations at the top of
the cold and bottom of the hot towers and at the bottom of the cold
and the top of the hot towers must respectively be about equal.

In the producing plants the same relationshlp holds true up to
concentrations of 3 mol per cent D20, i.e., the L/G 1s optimum when

the ratlo of cold and hot tower mid-column sample concentrations is
equal to 1.0. At concentratlions above 5 mol per cent the mid-column
ratio for optimum production increases glowly reaching a value of 1.5
at 15 mol per cent Dz0. This change is the result of curvature of the
eguilibrium line at the higher concentrationa. The curvature causes

a pinching out of the cold tower operating line at the rich end and

the hot tower operating line at the lean end more rapldly than predicted
by theory based upon straight egquilibrium lines. The operating lines
must therefore be shifted at the higher concentrations to distribute
this pinching effect equally between the hot and cold towers, resulting
in an increase in the optimum mid-column concentration ratlio. These
effects appear in the operation of the fourth and fifth stage of a
Dana unit and in the rich end of the second stage of a Savannah River
unit. :

Once the concentration effect 1s taken into account the mld-column ratio
at optimum L/G 1s dependent only upon the plate efficlencies of the

cold and hot towers, and therefore provides an excellent means .of
control which is not dependent upon other process conditions.

Deviation from optimum flow ratios in either direction, as has already
been pointed out, causes a decrease in concentration or recovery - one
of these being held constant. If the deviation is in the directlon of
low liquid - gas ratlios, the concentration of D20 at the mid-point of
the cold tower will be higher than the concentration at the mid-point
of the hot tower. If the liguild-gas ratios are high, the concentration
at the mid-point of the cold tower will be lower than that in the hot
tower. The direction of shift can easlly be remembered by thinking
that a high 1liquid rate in effect washes the D20 down through-the cold
and Iinto the hot tower.

In the Dana units, four cold towers and four hot towers are cperated
in parallel as the first stage. The liguid flows and the gas flows
from the four sets of towers are mixed in passing through common ligquid
heaters and condensers, and are then redistributed to the towers. Not
only does this complicate the problem of flow control, but the mixing
tends to mask the relationshlp between hot and cold tower mid-polint
concentrations,

In practice at Dana, this problem 1s resolved by adjusting cold tower
L/G to maintain a speclflec mid-column concentration of 0.0190 + 0.0020
mol per cent D20. The hot tower L/G's are then adJusted independently
to maintain the same mid-column concentration. In the latter stages,
the relations between cold and hot tower L/G are fixed and ad justment
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of the cold tower flows to glve a mid-column ratio of one 1s used to
maintaln optimum control. A control chart is used on whlch hot and
cold tower mid-column and cold tower base concentrations are plotted
every 8 hours. This chart is the device by which process flow control
is Jjudged and changes in flow are decided upon.

Since each Savannah unit i3 composed ©f only one cold tower - hot

tower pair In the first stage, the problem is simplified. The mid-
column concentrations are maintained equal by variation of the liquid
feed flow. Similarly, in the second stage, the mid-stage concentrations
(in this case based on a sample taken between the two cold towers
compared to a sample taken between the two hot towers), are maintained
in the ratio 1.5 to 1 by varying the liquid flow to the second stage.
The higher mid-column ratio reflects the concentration effect discussed
above.

EFFECTS OF VARIATIONS IN PRESSURES AND TEMPERATURES ON FLOW RATES AND
RECOVERY

The pressures and temperatures at which the GS unlts may be operated
have been fixed within fairly narrow limits in the deslgn of the
equipment. Variatlons within these limits can, however, have
slgnificant effects on the principal flow rates and the rate of recovery
of D=0 by the unita. In the course of process deslgn calculations for
Dana and Savannah, several casea that involve different combinations

of pressure and temperature have been calculated. These serve as a
convenient basis for illustration of the effects of these varilables.

The Dana unlts have been designed for certailn operating pressures,

wlth extra metal thickmess allowed in the shells of vesasels so that
there will be adequate strength to withstand design pressures even

after considerable corroslon of the shells has taken place.

The Dana units were designed to operate with cold towers at 3000 and

hot towers at 120°C. During perlods when excess steam 1s avallable

it 1s possible to operate these units at somewhat lower steam efficiency
but higher production rate by .raising the hot tower temperature.

At Savannah, socme of the units are lined with stainless steel and can
be run indefinitely at pressures that are higher ﬁhan Dana dgaign. ]

In summer, the Savannah unlita cperate with cold towers at 35 C because
of high cooling water temperatures. They were deslgned to run with

hot towers at 13000 to comgensate for the aummer cold tower temperature,
conservatively taken as 40 C.

The values of B, liguld-gas ratios, feed rates and recovery ratgs,'for

deslgn conditions and current operating conditions at Dana and Savannah
Rlver are presented in Table VI,
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TABLE VI

EFFECTS OF TEMPERATURE AND PRESSURE
ON OPERATION AND RECOVERY OF A GS UNIT

Note: Flows are for a Dana unit or its
equivalent, l.e., four first-atage
column palrs &t either Dana or

Savannah
Dana Dana Savannsh Savannah
Case Design Cond. Current Cond. Dealgn Cond. Current Cond.
Temperature, oc
Cold tower : 30 30 4o 32
Hot tower 120 135 130 138

Average pressures, psia
»

Cold tower 250 270 292 292

Hot tower 268 - 290 307 313
Ratilos ' . -

3c = l/hc 2,294 2.290 2.220 2.272
ﬂh = 1ﬁﬁ] 1.707 1.585 1.653% ‘ 1.569
Rc = L/Gc 0.481 0.490 0.L4ok 0.4g92
Rh = L/bh 0.53%2 0.575 0.552 0.528
Flows, mols/hr

L, 23,200 31,850 . . 25,440 35, 330
G 48,240 65,000 51,530 74,500
Lh 28,400 L4, 800 32,100 48,490
Gh 53,300 77,900 58,180 - 90,030
Lo = feed 22,600 31,000 24,770 35,280

D20 Recovery, mols/hr

Maximum theoretical* 0.664 1.01 0.692 1.12
Actuzal at correct L/G 0.543 0.949 0.543 1.03

Recovery as per cent
theoretical 82 93.9 78 ) 92.0

Recovery as per cent
feed 16.4 20.8 1%.9 20.0
% Recovery achievable with an infinlte number of theoretical plates
at the given condltions.
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A series of cases which will 1llustrate the effects of pressure,
temperature, and flow on production can be developed through the use

of the following egquation which defines the production rate of a single-
atage G3 unit.

Nc x
LI +] -1 Q‘c i xtc
Production (mol Dz20/Unit Time) = L, Xe, — 5
¢ Q ¢ _ 4
¢
QhNh %
' .
. . bh .
+ I X bh(Qh - 1) ——E;—r———— (42)

This equation has been found to be quite accurate when used for
prediction of changes in production that result from small changes 1in
operating conditions. The production rates that are calculated from
this equation are, however, approximately 3% lower than are those that
are actually achleved in the Dana GS units, which probably refiects'
uncertaintles in tray efficienclea, flow rates, equilibrium constants,
and physiecal properties.

The effects of changes in the several independent variables of GS unit
operation, other conditions in each case remaining censtant, are as
follows: '

(1) Eaeh 1 C reductlon of CT-1 temperature, in the range
30-40° C, increases production by 2.5%,

{(2) Each 1° ¢ reduction of CT-2 temperature increases
production by 0.3%,

(3) Each log increase in HT-1 temperature, in the range
120-140"C, increases production by 0.9%,

(4) 'Each 1% increase in flow increases production by 1%,

(5) Each 1% increase in gas quality increases production
by 1%,

(6) Pressure changes do not significantly affect production
except as they affect attainable flow, humidity and
temperature variables.
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ENGINEERING DESIGN

DESCRIPTION OF DANA EQUIPMENT

Flow Diagram

Figure 20, a flow diagram of a Dana GS unit, showa all of the principal
towers, heat exchangers, pumps, and gas blowera. The following glossary
is given of the symbols thdat are used to designate these pieces of
equipment.

CT - Cold tower GB - Gas blower

HT -~ Hotltower PC - Primary condenser
PT - Purge tower SC - Secondary condenser
v - Stripper LH - Liguor heﬁter

CTP - Cold tower pump 8% - Stripper exchanger
HP - Humidifiler pump AX - Auxiliary exchanger
HTP - Hot tower pump’ CCD - Condensate drum

CCP ~ Condensate pump HTD - Hot tower drum

PTP - Purge tower pump ‘ HD - Humidifier drum
CﬁP - Cooling water pump WT - Welgh tank

WTP - Welgh tank'pump .VR = Product reboller

AP - Auxiliary pump VC - Product cooler b

NP - Neutralization pump

Note: Numbers that follow letters deaignate the stage, with certain
exceptlons 1n the first stage where several pleces of equipment
have the same letter designation. In these cases, the number
or letter following the equipment nomenclature denotea the
individual plece of equipment..

Process feed water that is heated to about 28°C in the Water Treatment
Plant 1s fed at an equal rate to the top of each of the four parallel
firat-stage cold towers. The heat of soclution of HaS 1n water raises
the water temperature to 34-35°C. Process gas that 1s cooled to

40-457C in the secondary condensers enters the bottom of the four cold
towers and 1s cooled further to 33.5 C by the recirculation of a atream
of water from the base of the tower, through an auxiliary heat exchanger
and back onto the fifth tray. The bottom five trays in the cold towers
at Dana are thus used for gas cooling rather than for enrichment.

Effluent liquid streams from the cold towers are combined and pumped
through the liquor heaters wherein the liquid temperature is

raised to 120°C or higher by heat exchange with effluent from the
stripper. Cold process gas 1s pulled from the top of each cold tower
by a centrifugal blower and enteras the bottom of the humidifier section
of the hot tower. Gas from the top of the hot tower 1s cooled to the
cold tower temperature in the primary and secondary condensers and

cold tower recirculation sectlion. This completes the circult of
process gas through the cold and hot towers of the firat stage.
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FIGURE 20 - FLOW DIAGRAM OF THE GS PROCESS - DANA' UNIT
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The bottom ten plates of each first-stage hot tower are used for
humidification (they have little effect on D0 concentration). Gas
from the cold tower enters the bottom of the humidifiler section and
is brought up to near hot tower temperature and humidity by counter-
current contact with hot. water which 1s introduced ontc the tenth
plate of the hot tower (top humidifier plate). The cooled humidifier
water 1s taken from the bottom and pumped through the tube side of the
primary condenser where it 13 agaln heated to near hot tower temperature
by gas from the hot tower. Thils exchange of heat represents the first
step in cooling the gas that leaves the hot tower, before it 1s
Introduced into the cold tower. The gas leaves the ‘primary condensers
at about 75 C and 1s cooled further to 45°C by cooling water in the
secondary condensers, and finally 1s coocled to CT temperature in the
reclirculation section of the cold towers.

The gas that has passed upward through the ten trays of the humidifier
section 18 saturated to 85-90% with water vapor and is somewhat below
the desired hot tower temperature. Additional heat and water vapor
1s supplied by introducing steam (carrying some HaS) from the top of
the waste stripper into the hot tower between the 1lth and 12th trays.

The process atream from the hot tower proper {(11th plate) is passed
through the tubes of the stripper heat exchanger where 1t 1s preheated
by the hot stripped waste that passes through the shell sids.- The
preheated liquor enters the top of the strilpper at about 200° C. The
hydrogen sulflde 1s stripped from the waste by steam that 1s fed to
the bottom of the atripper. The steam, along with the stripped
hydrogen sulfide, passes directly from the top of the stripper to the
1ith tray of the hot.tower. A portion of the steam required to
maintain hot tower temperature bypasses the stripper and 1s fed
directly to the hot towers. ' .

The stripped waste, after leaving the stripper heat exchanger passes
through the shell side of the liquor heater. The liquld from the
cold tower passes through the tubes and is heated to hot tower
conditions, thus completing the heat-recovery cycle.

Since the hot gas to the bottom of the. second-stage hot tower comes
directly from the top of the first-stage hot tower the gas heating

and humidification that are required in the first stage 1is :unnecessary.
Primary and secondary condensers are, however, needed to cool the gas
between the second-stage hot and cecld towers. The arrangement .ls
gsimilar to that of the flrst-stage, and the second-stage primary
condenser supplles heat to a portlon of the water that circulates in
the humldifier.

The gas from the second-stage cold tower rejolins the gas effluent from
the first-stage secondary condenser to make up the gas feed to the first-
stage cold tower.
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A portion of the liquld from the first-stage cold tower in a like
manner provides the cold, concentrated liquid feed to the second-stage
cold tower. Similarly, liquid from the second-stage hot tower 1s
recycled back to the first stage to Join the liquid effluent from the
first-stage llquid heater. Stripped waste from the first stage serves
as the source of heat for the liquid heaters of the higher stages.

The arrangement of flows and heat exchange on Stage III-V is the
same as for Stage II.

A portion of the condensate stream from the fifth-stage condensers is
drawn off as product. Condensate is used since 1t contains relatively
little dissolved solids. '

Water containing between 2 and 3 mol € D20 18 returned to the GS
process from the DW process. The return stream is pumped back into
the GS system at the top of the third-stage hot tower where the
concentratlions match.

The six ldentical GS units at Dana are arranged in two groups of three
units each; the controls and instruments for each group of three units
are located In a central control room where there is a control panel
for each unit. '

Towers

Each GS tower at Dana contains 70 plates at a gspacing of 18 inches.
The over-all tower height is 125 feet. The top plate of each CT is
run dry* to act as an entrainment separator for the gas entering the
blowers. The cross-sectional area of the hot towers 1s approximately
10% greater than that of the cold towers. Tower diameters are glven
in Table VII. Because of limitations that are imposed by the design
of suitable bubble cap trays, diameters below 2-1/2 feet were not
feasible.

Each tower has a ligquld sampling point at 1ts mid-point except the
first-stage HT's, which have the sample point at the 40th tray, which
1s the mid-point of the stripping section of these towers. The
humidifier section (bottom 10 trays of the first-atage towers) contain
split flow trays to carry the high liquid loading, i.e., each tray 1is
divided with liquid flow from center to side and side to center in
alternate trays.

TABLE VII
GS Process Tower Dimensilons - Dana Unit
Stage I i1 I1X v v
Celd towers, dia., feet 11 11 6 33 2%
Hot towers, dia., feet 12 12 6% 4 2%

* The feed water enters on the second tray and there 1s no exlt weilr
to hold a 1liquid level on the top tray.
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These towers were originally equipped with Type %10 stainless steel
bubble cap trays. As these trays falled due to corrosion, they were
replaced with Type 304 stainless steel sieve trays. The sieve trays
have a lower pressure drop than do bubble cap trays and reduce the power
that 18 consumed by the blowers. The sleve trays are also leas
expenslive than are bubble cap trays. :

Heat ExXchangers

All heat exchangers at the Dana Plant are vertical, shell-and-tube
units with floating heads. The numbers and arrangement of the units
vary with stage and service as described below.

Primary and Secondary Condensers

Two primary condenser units are connected in series and, depending

on the stage, from one to eight of these palrs are operated in parallel.
There are elght pairs, or a total of 16 units in the first stage, four
units in the second, and two each in the higher stages. In the first
three stages the secondary condensers comprise one to eight units in
parallel. In the fourth and fifth stages there are two secondary
condensers in serles. The number of units and thelr surface areas are
summarized in Table VIII.

TABLE VIIT

Primary and Secondary Condensers

Stage ' I - IT ITI Iv v
Primary condenser, number 16 4 o2 2 2
Approx. surface, ftZ each 4155 4155 2270 625 222
Secondary condensers, number 8 2 1 2 2
Approx. surface, ft® each 4155 4155 2270 625 266

The first- and second-stage exchangers have since startup been partially
lined with Type 316 stalnless steel to prevent corrosion-erosion of

the shells. The tube bundles which were originally carbon steel have
been replaced with Types 304 and 316 stainless steel. :

Liquor Heaters

Bottoms from the cold towers of all stages are heated to hot tower
condltions in the liguor heaters by hot waste liquor from the first-
stage stripper heat exchangers. -Both the tube and shell sldes are

two pass. From one to four units comprise an exchanger; multiple units
are connected 1n serles. Exchanger slzes and numbers are given in
Table IX on the following page:
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TABLE IX

Liquor Heaters

Stage 1 II III v v
Unit 201

Number of exchangers 4 1 1 2 1
Surface, ftZ 4080 4080 - 960 146 142
Units 202-206

Number of exchangers T 2 2 1
Surface, ft° 4080 1950 240 146 146

Stripper Heat Exchangers

The stripper exchanger for each GS unit 1s made up of two parallel
banks of four unlts in series. Waste proceas water from the bottom
of the first-stage hot towers flows through the tube side (one pass}),
and gas-free water from the base of the stripper through the shell
slde (two pasa). In Units 202-206 the total exchanger surface area
is 15,000 ft®, while in Unit 201 (the first unit constructed) the
total exchanger surface area 18 21,200 ft2.

Auxiliary Exchangers

These exchangers are provided for the first and second stages only.
Process water 1s taken as a side stream from the base of the cold
tower, cooled to 30°C In these exchangers, and clrculated back to the
fifth tray of the cold tower. This provides auxlllary gas-coollng
capaclty in addition to that furnished by the primary and secondary
condengers. The shells and tube bundles of the auxillliary condensers
are carbon steel.

TABLE X

Auxlliary Exchangers

Stage I II
Number of exchangers 1 1
Surface, ft° 4080 2ko

Gas Blowers

Motor-driven, centrifugal blowers are provided for circulation of
process gas through each stage of a unlt. One blower 1s provided for
each pair of towers in the first stage and two blowers (one a spare)
for each subsequent stage. Blower parta that are exposed to process
gas are carbon steel, except the impellers, which are aluminum. The
blowers have mechanical shaft seals; the sealing asurfaces are carbon

- 66 -



on "Stellite". Design details of the blowers are given in Table XI.
TABLE XI

Gag Blowers

INGERSOLL-RAND ELLIOTT
lst 2nd 3rd bth 5th 1st 2nd 3rd
Current Operating Stage .Stage Stage Stage Stage Stage Stage Stage

Conditilons CUS-20 CUS-20 CUS-12 CUS-8 CUS-4 P4Owl PiOwl P4Owl
Inlet pressure, psig 252 242 232 222 212 252 242 232
Disch. press., psig 284 274 264 254 244 284 274 264
Capaclty at suction,

(actual cfm) 5700 5500 1535 375 97 U735 4530 1640
Speed, rpm 3570 3570 3570 3570 3570 3750 3750 3750
Impeller size 28-1/2" 28-1/2" 27-3/8" 25"%x 28" 25" 25% 25.3/4"
Motor-rated hp 800 800 250 100 Lo 800 8oo 250 <
Motor-input hp )

(current

Qperation) 1100 1050 360 125 TO 1250 1200 koo &

* Note: A 23.5-inch-dlameter impeller has been recommended for this
service.

Pumps

All principal process pumps are centrifugal. Mechanlcal seals are used
on 7T0% of the centrifugal pumps; the remainder have water-cooled soft
packing.

Spare pumps are provided at all positions except at the secondary
condenser cooling water recirculating pump, the inert-gas purge~tower
pump, the welgh-tank pumps, and the draln-tank pump.

Varilable-stroke plunger pumps are used to meter DW return Nlguid to
the third-stage towers and sulfuric aecid to the stripper heat exchangers.

Waste Stripper

A stripper 1s provided 1n each unit for removing HzS from process
waste water. The strippers are 10 feet 1n diameter, 48 feet high, and
contain 12 bubble cap trays at a spacing of 24 inches, Each tray is
divided 1n the center with flow of liquid from side to center and
center to side on alternate trays. Feed liquor 1is equally divided
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between the two halves and remalns separate on the trays all down the
column. The vapor flow divides between the two halves depending upon
the pressure drop in each half. The top tray 1s run dry as an
entrainment separator.

Purge Towers

Two purge towers are provided for each unit for the removal of inerts
from procesa gas. The primary purge tower is 4 feet in diameter by
30 feet high, packed with 10 feet of 2 inch Raschig rings and is
designed to handle 308 mols of process gas 1in countercurrent contact
with 12,500 mols of feed water per hour.

The secondary purge tower, 1s 10 inches in diameter by 24 feet high,
and contalins 15 feet of 3/4 inch Raschig ring packing. It removes
additlional H>8 from the gas that leaves the top of the primary purge
tower by countercurrent flow contact with 80 mols/nr of water.

Product Stripper System

Product liquor from the fifth-stage condensate pump is stripped of
HzS in a stripper that 1s 6 inches in diameter and 25 feet high,
packed with 10 feet of 3/4% inch stalnless steel Raachlg rings.
Stainless steel Raschig rings are used in place of ceramlc -to keep the
sllica content low in the product feed to the DW process. A 3 by
7-1/2 foot lower sectlon acts as an accumulator for batch hold-up of
stripped liquor. The product 1s accumulated batchwise and cooled in
the product cooler as it flows to the product welgh tank.

The stripper has a shell-and-tube reboiler, which has stainless steel
tubes. The heating surface area of the reboiler 1s 55 £t2.

The product cooler 18 a horlzontally mounted, Jacketed stalnless steel
pipe.

DESCRIPTICN OF SAVANNAH EQUIPMENT

Flow Diagram

A diagram that shows the principal equipment of a Savannah River GS

unit 1s presented in Flgure 21. Four of these units comprise a wing

and two wings comprise a building. A wing has the same nominal capacity
as a Dana unlt. A bullding 18 operated as an entlity wlth certailn
facilitles being common to the elight units in 1t. The individual

units can, however, be started up or shut down independently.

Process feed water 1is warmed to about 2700 in wing feed-water preheaters
80 as to prevent formation of the solid hydrate of HzS when the water
contacts the gas. This feed water 1s then metered to each of the
first-stage colg towers. The temperature of the water is further
ralsed to 33-35 C by the heat of solution of HzS.
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After passing through the firat-stage cold towers, the liguid,
containing about 0.08% D20, 1s divided into two streams:; about 1/3
goes as feed to the second-stage cold tower and 2/3 through the
first-atage liguid heaters to the first-stage hot towers.

The hot liquid from the firgt-stage liquid heaters 1s jolned by liguid
from the second-stage hot towers and passes down through the flrst-
stage hot tower, leaving at the 11th tray.

Each SRP unit has 1ts own waste stripper; the liguid from the 1lth
tray of the hot tower 1s preheated in the stripper heat exchanger,
stripped of HoS by the steam that provides heat makeup to the unit,

and after heat recovery, 18 discarded. . Coe

The gas flow through the firat stage is similar but countercurrent.

Gas from the top of the first-stage cold tower 1s forced by the first-
stage blower through the hot tower, the primary and secondary condensers,
and the cold tower. About 1/3 of the gas from the hot tower is directed
to the base of the .second-stage hot tower. The gas from the first- stage
blower 18 preheated and humidified in the bottom ten trays of the hot
tower before it contacts the maln stream of process liquid.

The second stage 1s flow-wilse, a bypass around the first-stage heat
exchangers. The two cold towers and two hot towers that are in series
in the second stage'are operated ag 1if they were one cold and one hot.
Liquid from the first-stage cold tower passes through the gsecond-stage
cold towers 1n series, through the second-stage liquild heaters, the hot
towers, and back to the first stage. Additional cooling 18 required
near the middle of the second (higher-concentration) cold tower to
remove the heat of reaction of HDS forming HDO.,K The gas stream follows
an analogous path from first-stage hot towers, through second-stage

hot towers, primary and secondary condensers, cold towers, the second-
stage blower and aftercooler and. back, to the first stage.

Product that 1stw1thdrawn as condensate from the second-stage condensers
1s stripped of- ‘HaS and 1s meagured in equipment common to the eight
units of a building. One purge-gas system also serves eight units.
Return from the DW units is metered into one or more units of a
bullding, usually to not more than two.

Towers

All towera contaln 70 plates except the second-stage cold towers
which have 84 plates and the waste stripper which has 12 plates. The
first stage contains one cold tower and one hot tower and the second
stage contains two cold towers in series and two hot towers 1in series.
Each first stage has a short tower to strip hydrogen sulfide from the
waste water. Descriptive dimensions are shown in Table XII:
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TABLE XII

(S Procesas Tower Dimenslons - Savannah River Unilt

Stages I I I - IT IY
Tower Cold Hot Waste Cold Hot
Stripper
Tower height, ft 116 116 28 114 114
Tower dlameter, ID,
ft 11 12 5 6% 64
Plate spacing, in. 18 18 20 15 18
Liquid sample Middle Middle Effluent Base o Base of
points and base each tower each tower

Deslgn pressure,
psig ‘ 300 300 350 300 300

Primary and Secondary Condensers

The process gaa from each hot tower is cooled to cold tower temperature
In the primary and secondary condensers. These are vertical shell-
and-tube exchangers, with floating heads. Flow on both the shell and
tube sldes 18 single pasa. 1In the first stage, two parallel banks of
two primary condensers (four exchangers) are followed by.two secondary
exchangers in parallel. In the second stage, one primary condenser
and one secondary condenser are in serles. Heat-transfer surface areas
are gilven In the table below:

TABLE XIII

Primary and Secondary Condensers

Stage I 1T
Primary condenser, number of units 4 1
Approx. surface, ft%, each 5050 3800
. 3econdary condenser, number of units 2 1
Approx. surface, ft®, each 3550 2900

Stripper Heat Exchangers

Waste process water from the bottom of the first-stage hot tower flows
through the tube side {one pass), and gas-free water from the base of
the stripper flows through the shell side. The exchangers are vertical
shell-and~tube units wilith fleating heads. There 1s one bank of three
exchangers in series. The total surface area is 4500 rt2.
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Liguor Heaters

The ligquid from the cold towers of both stages 1s_heated to hot tower
conditions in the liquor heaters by hot waste llguor from the first-
stage stripper heat exchangers. These exchangers are vertical,
single-pass, shell-and-tube units with floating heads., Each stage is
equipped with four such exchangers in series. The total ares of the
first-stage exchangers ias 4500 £t and the total area of the second

stage is 1770 ftZ,
(das Blowers

Motor-driven centrifugal blowers are provided for circulation of
process gas through both stages of & unit. Two blowers are provided,
one for the first stage and one for the second. Blower parts that are
exposed to procesa gas are carbon steel, except the impellers, which
are aluminum. The blowers have mechanical shaft seals with carbon on
"Stellite" sealing surfaces. Design details of the blowers are given
below in Table XIV.

TABLE XIV

Gas Blowera

Stage ' I II

Speed, rpm : 3600 3600

Motor horsepower 1000 600

Capacity, pound-mols of HgS per ﬁour 13880 4180

Pressure rise across blower, pai’ 33 54
Pumps

All liguid pumps are centrifugal, except for the variable-stroke
plunger pumps which feed DW process return into the G3 units. Water-
cooled soft packing is used to sesl the shafts of all centrifugal
pumps of the GS unit proper. The pumps in the product system, however,
have mechanical seals with provisions for leakage collection to avold
loas of high-concentration materials, No spare pumps are provided in
any posltion.

Waste Stripper

A atripper is provided in each unit for removing HaS from process
waste water. The stripper 1s 28 feet high and 5 feet in diameter and
contains 12 bubble cap trays on 20-inch spacing. Each tray is divided
in the center with cross flow of liquid across each half. Feed liguor
is equally divided between the two halves and remalns separate on the
trays all down the column. The vapor flow divides between the two
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halves depending upon the pressure drop in each half.

Purge Towers

Two purge towers in serles are provided for each group of six units
for the removal of inert gases from the process gas. The primary
purge tower is 25 feet high and 5 feet in dlameter and packed with
12 feet of l-inch ceramic Raschlg rings. It will handle up to 5C0
mol/hr of process gas in countercurrent contact with 20,000 mol/hr
(700 gpm) of water.

The secondary tower 1s in series with the primary tower to scrub Hz3
from the inerts being vented to atmosphere. It 13 18 feet high and

11 inches in dilameter and 1s packed with 15 feet of l-inch ceramilc
Raschig rings. The gas 1s scrubbed with 770 mol/hr (27 gpm) of water.

Product Stripper System

Product (second-stage primary and secondary condenser condensate) is
withdrawn from the units and stored in a tank. This liquor 1s stripped
of dissolved HeoS in a column which is 12-3/4 1nches 1n dilameter and

2k feet high and is packed with 16 feet of 2-inch-diameter Type 304
stainless steel Raschig rings. A steam-heated reboller, consisting of
a 184% ft? tube-and-shell exchanger, provides boilup. -The stripper
liquor 1s cooled 1in a 206 fta, water-cooled tube-and-shell exchanger
and 1s astored in a weigh tank. A 265 rt? tube-and-shell exchanger
reduces humldity of the HzS being returned to the procesas. All
exchangers are horizontally mounted and tubed with Type 304 stainless
steel.

MATERIALS OF CONSTRUCTION

The following summary of materials 1s glven below to present an over-
all picture of materials of constructlion. In general, special high
quallty carbon steels have been used for fabricating the major ltems

of equlpment where excess thickness could be allowed for corrosion.
Where thin sectlons were required either Type 304 or Type 316 stainless
steel were used although certain substlitutions were allowed in specifiec
equipment pieces in order to complete construction in a reasnnable
time. Type 410 stainless steel in thln sections has been found to

be unsatisfactory for use in this process. Type 304 1s the lowest-
cost grade of commonly avallable stainless steel which has adequate
corrosion resistance where thin (1/8 inch or less) cross section is
reguired,
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Process towers

Shells, heads, nozzles,

bubble capas, plates

Product stripper shell
Tank (Drums)

Primary condensers
Shells

Tubes

Secondary condensers
Shells
Tubes

Stripper heat exchangers
Shells
Tubes

Liquor heaters

Materials

Carbon steel

Type 410 stainleas steel
(Replacements of Type 304
stainless steel)

Carbon steel

Carbon steel

Carbon steel partlally lined with
Type 316 stainless steel
Typea 304 and 316 stainless steel

Carbon steel

Same as primary condensers but
with the addition of a complete
shroud to provide shell protection
in the 1lst and 2nd stages

Carbon steel
Type 316 stainless steel

Carbon steel

Shells

Tubes Type 316 stainless steel
Blowers

Casing Carbon steel

Impeller Type 355 aluminum

The steel that was used for the fabrication of the towers, shells of
heat exchangers, and auch major pressure vessels was ASTM specificatlon
A-212, Grade B "Firebox". This 1s an especlally clean grade of steel
having &8 lower incidence of volds and nonmetallic inclusions than
ordinary plate. The plates for use in fabrication of the GS equlpment
were examined with the aid of the Sperry "Ultrasonlc Reflectoscope"

to locate voids and cracks.

Plates having large deflects were rejected; those having smaller ones
were in some cases accepted, but venting holes were drilled from the
outside of the vessel to the site of the deflect to allow release of
any hydrogen.

Minimum thickness holes were drilled in process piping in order to check
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the progress of combined erosion-corrosion. These holes are drilled
through approximately half the thickness of the pipe and are located
at welds and near bends in the piping exit nozzles of vessels. Vent
pipes through the insulation have been installed near groups of holes
to check for leakage.

To prevent stress induced corrosion and/or cracking, all vessels
contalining HzS and HzoS-water solution were stress relieved after
fabrication. 411 fileld welds were stress relieved in place by electrical
induction heating. The maximum tensile stress in bolts used on process
equipment flanges was limited to 40,000 psi and all bolts were heat
treated to reduce their hardness to a maximum of 27 on the Rockwell

C scale. Although bolts are not normally exposed to the HaS gas,

small leaks at flanges leading to high local concentrations of Hz$S

will result in stress cracking of the bolts unless the above
speciflcations are mailntained. Figure 22 shows the relationship between
Rockwell hardness and stress which will cause failure of AISI 4140 bolts
exposed to the HazS-water system.
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OPERATION

Process Materials

The quality of process streams influences capacity of the GS units and
may affect corrosion in the system. It is therefore necessary to place
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definite quality specificatlion on make-up gas and feed water in order
to ensure GS unit capacity and continulty of operation.

Process Feed Water

Quality of process feed water is important from the standpoint of both
productiori and foullng of equipment. Excessive hardness will result

in deposition of scale in heat tranafer equipment and towers. High

COz content will add inert gas to process gas thereby reducing capaclty
. of the GS unit. '

The well water that is wused for process feed and cooling at Dana 1s
very hard, containing about %00 ppm of dissolved solids, largely CaCOa.
The GS process feed water is softened by passing 1t through iocn
exchange resin beda. The metallic ions are removed in these beds,

and the carbon dioxide that is released passes through the beds and

i1s removed by stripping in vacuum deaerator towers. The technical
details of the softening plant are discussed 1n detail beginning

on page 145 of this manual.

The following specifications have been established for treated water.

Hardness ppm 10 max.
pH 10.5

COz Ppm 10 max.
Total solids ppm . %00 max.
NaHS (NaOH) ppm 150 min,

The river water that 1s used for proceas feed and coollng at Savannah,
on the other hand, 1s soft but turbid. The turbidity is normally
equivalent to 50 to 100 ppm Si0z so that the GS feed water must be
clarified. The slight carbonate hardness that is present 1s readlly
removed by acidificatlon with gulfuric acid followed by vacuum stripping
(deaeration). The feed water, after treatment contalns less than 1 ppm
turbidity, 5 ppm COz, and 1/2 ppm dlssolved oxygen.

Hydrogen Sulfide

HoS is produced in the Gas Generation area by reaction between sulfurie
acld and sodium hydrosulfide. Technical details of the process &are
discussed in detail beginning on page 85 of this manual.

Briefly, the process consists of reacting an agueous solution (35-45%)
of sodium hydrosulfide (NaHS) with 60% sulfuric acid in a tubular
reactor. Products of reactlon are separated and the gas 1s cooled and
serubbed with water. The HaS 18 then compressed and condensed, and
inerts, such as COz, are vented off. Liquid HzS 1s vaporized and sent
to the GS units as required.
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Typlcal standards for gas quality are as follows:

% HzS = 99.04 minimum
% CO2z 1.0% maximum

Circulating procesas gas within the GS units may contain higher
concentrations of impurilties than does make-up gas. The level of,
inerts 1n process gas willl depend upon the followlng factors:

. The quality and feed rate of make-up gas

. The quallity of feed water

. The rate of evolution of Hz by corrosion reactlons

o N e

. The rate of purging and the capaclty of the purge
system for inerts removal

The specification is 98.5% HpS, minimum.

Waste Disposal

Two baszins have been provided at Dana to hold up process waste water

In the event that the HzS concentration in the waste becomes excesslve.
Each basin provides a six-hour detention periocd for contamlnated water.
The basins allow 12 hours of operating time to find and fix HaS leaks
after leakage 13 detected. After the trouble is corrected, the high-
concentration waste 1n the basins can be bled back iIntco low-concentration
waste water at such a rate that the maximum allowable concentration for
discharge to the river is not exceeded.

No need for these basins has developed wilthin the five years of operation
of the Dana Plant. It has been found that reactlon of the waste

process water, contalning up to 50 ppm of sulfide, with the dissolved
oXygen 1n the waste cooling water with which 1t 18 mixed reduces the
gulfide concentration to a fraction of a part per million within

minutes. Most of the sulfur that 1s formed in thils reaction deposits

in the waste stream ditch within a few hundred yards, and does not

cause a pollution problem.

The Savannah River Plant has no retenticn basins. The waste water
from all units 1s combined with cooling water waste and is coursed
down an open outfall for a distance of about 2-1/2 miles. The water
then mixes with the river in swamp land adjolining the river. The
waste water contains less than 1 ppm H,S and no odor 1s detectable
downstream of the outfall.

Safetz

Hydrogen sulflide is a highly toxic gas which is corrosive to eye and
resplratory tissues. It has paralyzing effects on lung muscles such
that breathing stops quickly followlng exposure to high concentrations
of the gas. 1In addition to its toxicity, hydrogen sulfide will burn
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vigorously and forms explosive mixtures with alr within limits of 4.3
to 46% HyS by volume.

The odor intensities of various concentration of HpS are as follows:

0.022 ppm No odor

.13 ppm Minimal perceptible odor

C.77T ppm Faint, but readily perceptible

4.6 ppm Easily noticeable, moderate

27.0 ppm Strong, unpleasant, but not intolerable

The effect of hydrogen sulfide on the human body varles with the
concentration, as shown in Table XV.

TABLE XV

Toxicity of Hydrogen Sulfide to Men
(National Safety Council}

HeS, $ 0-2 Min, 2-15 Min. 15-30 Min, 30 Min. - 1 Hr. 1-4 Hr. -8 Hr. 8-h8 Hr.
Q0.005 Mild conjuncti-
.010 vitls; resplra-
tory track
irritation
0.010 Coughing; Disturbed Throat Saliva- Increased Hemor-
015 irritatlon resplra- irritation tion and symptoma* rhage
of eyesa; tion; pailn mucous and
loss of in eyes; discharge; death
sense of sleepless~ sharp pain
amell ness in eyes;
coughlng
0.015% Loss of Throat Throat' and eye Difficult Serlous Hemor -
.020 sense aof and eye irritation breathing; lrritat- rhage
amell irritation blurred ing and
vision; effects death
light shy
0.025 Irritatien Irritation Painful se- Light shy; Hemor-
.035 of eyes; of eyes cretion of nasal rhage
lose of tears; catarrh; and
sense cof wearliness paln in death
amell eyas;
difficult
breathing
0.035 Irritation Difficult Increased pilzzi- Death
.045 of eyes; resplration; irritation of ness;
loss of coughing; eyes and nasal wealmess;
senae of irritation track; dull 1nsreased
gmell of eyes pain in head; irritating;
weariness; death
light shy
0.050 Coughing; Respira- Serious Severe pain in
060 collapse tory dim- eye irri- eyes and head;
and un- turbances; tatlon; dizziness;
conaclous- irritation light shy; trembling of
negs® ol eyes; palplta- extremitiesn;
collapse* tion of great weakness
heart; a and death
few cases
of death
0.860 Collapse;* Callapse;*
Q70 uncon- unconscicus -
.0B80 scious- ness;*
.10 ness;® death
.15 death '

% Data secured from experimenta on dogs which have a susceptibility aimillar to men.
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The Bureau of Mines(a) has recommended 20 ppm {0.0024) as the maximum

concentration that is allowable for prolonged exposure. It 1s important
to note that at concentrations of 0.01% (100 ppm} or greater the

sense of smell is lost. This i3 an insidious characteristic of the

gas, and even lower concentrations cause fatlgue of the odor sensory
nerves with the result that the exposed person may become 1nsensitive

to Increases in concentration.

The principal technical effort for protection against the hazard of
HzS 1s the provision of continuous systems for sampling, analysis, .
recording, and warning of concentrations of the gas in the environment.
Alr is sampled continuously at the lntakes of bullding ventilation
systems and at a number of representative locationa that surround the
GS and gas-generation areas. The sample streams are monltored by
continuous analyzera that are sensitive to a few parts of H=8 per
million of air. The analyzers are equipped with alarms and those on
the bullding ventilation systems will shut those systems down 1f more
than permissible Hz3 concentrations exlst,

PROCESS CONTROL

Standard Qperating Condltions

The arrangement of the process is such that the pressure and temperature
conditlons that were established for the flrst stage define most of

the conditions of operation for the latter stages.. Operating
temperatures will hold within the same range for all stages while the
pressure from stage to stage will depend upon pressure drop through

the egquipment.

The principal control polnts that define current (1956) operation of

a Dana GS unit are listed in Table XVI. Savannah River Plant
conditions are gilven in Table XVII.

- 79 -



TABLE XVI

Dana GS Process Conditions

Current
Cold Towers:
Liquld Feed Rate
First stage, gpm 285
2nd " " 285
3rd " n 75
ith " " 17.8
Sth " n 5 . 11
Liquid Feed Temp.
First stage, °c 34
2nd " 39
31“d n 43
hth " 4
5th " 41
gas Inlet Temp.
First stage, °C 41
2nd " k1
Ird " 4o
L4th " 4o
5th " o
Mid-column Temp.
Firat stage, 0C 30
2nd " 30
3rd " o0
ktn " 4o
5th " 4o
Hot Towers

Liquid Feed Temp.
First stage, _C 124
2nd " 100
3rd " 84
4th " 8o
5th " 85
Gas Temp. (16th Plate)
First stage only 135

Humidifiler Section

Circulation rate, gpm* 1100
Water make-up 1o* -

Purge rate

* per tower
** total

[ 150

Current

Gas Rate Out
First stage, scfm, 60°F 103,600

2nd " " 103,600
3rd " " 26,700
Yth n n 6’650
5th " " 1,670
* Waste Stripper
Pressure, p3lg 290
Steam flow to unit, pph 142,100
HzS 1n talls, ppm 0.05
pH of talls, pH 5-7.5

Purge Towers

Liquid feed primary, gpm 400
" " secondary, gpm 20
Inerts flow secondary, scfm 1-2

Product Stripper

Feed rate, pph As required
Draw-off rate, pph o 125
Tails temperature, C 27
HaS concentration, ppm 0.05
D=0 concentration, % 15-16
Circulating Gas
HzS, % 98.5
Feed Water
pH 10.5
COz, ppm 20
Hardness, ppm 2.0-3.C
Total sclids, ppm hoo
NaHS or NaOH, ppm (NaHS) 150

Cooling Water

Chlorine residual, ppm 0.1
On all units not returning
cooling water to WT

Primary Condenser

Inlet pressure
First stage, psig 270
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TABLE XVII

Savannah River GS Process Conditlons

Current Current
Cold Towers: )
Liguld Feed Rate, gpm Humidifier Section
First stage 220 Circulation rate, gpm '1,200
2nd " 85 Water make-up " 33

’ L1
Gas Rate Out, scfm at 20°¢ Purge rate 13

Primary Condenger

First stage ‘ 145,000

2nd " 30, 400 Inlet pressure, psig

Liquid Feed Temp., °C First'stage 290

Pirst stage 7 ‘ 26 Waste Stripper

2nd " 35 Pressure, pslg - 300
o} Steam flow to unit, pph %2,000

Gag Inlet Temp., C ‘ H-S in tails, ppm,max. 2

Firat atage 35 :

2nd " : 35

Purge Towers

- o
Mid-column Temp., C Liguid feed primary, gpm 600

First stage 32 . " gsecondary, gpm 27
End ] l‘o

Froduct 3tripper*

Hot Towers Feed rate, pph As required

Liquid Feed Temp., °C Draw-off ratg, poh. " "
Talls temp., C 35

giESt st%ge 1:3 HzS concentration, ppm 0.05
D20 concentratlon, % 15-16

Hot Towers

° Circulating Gas
gaz Temp., C (16th plate)

st’ % 99

First stage only 138
* One for each 8 units

Temperature and Pressure Control

Temperatures and pressure changes affect the process by changing
solubilities, humidities, and relative volatilitles and through them
the liquid-vapor phase distribution constant. Solubility and humidity
changes affect the relationship between the hot and celd tower liquid-
gas flow ratios. Thus, a change in pressure or temperature from
standard condltions wlll change the slopes of the equilibrium and
operating lines, resulting in different optimum flow ratios.
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The effects on unit performance of variations in pressure and
temperature within at least the initial operating 1imits have been
discussed previously in this Manual on page 60, and some figures for
representative combinations of conditions were presented in Table VI,

page 59.

In general, maximum production will be obtained by operating the GS
unlts at the maximum pressure that 1s permissible when the actual
strengths of vessels and piping are considered. This pressure willl
decrease through the operating life of the equlpment as corrosion
proceeda. The cold tower temperature should be held Just high enough
to avold hydrate formation (the lower 1limit being about 2900). The
hot tower should be operated at the maximum temperature that can be
achieved with the steam and heat transfer capaclty that are avallable.

Unit pressure 18 controlled at the primary condenaer of the first
atages by perlodically adding H=S to make up for loss of gas resulting
from

(a) Process gas dissolved in the waste stream

(b) Process gas dissolved in final product

(c) Process gas and inert gas vented from the purge towers

(d) Leakage of process gas from valves, flanges, pumps,
blowers, ete.

With the unit pressure controlled at the first stage, the pressure 1in
subsequent stages depends upon the pressure drop 1n process lines
between stages. The pressures at the primary condensera will be about
as followa, varylng somewhat with interstage gas and liquid flow
rates:

Pressure, psia

Dana Savarnnah
Firat stage 285 302
Second stage 273 281
Third astage ' 266 -
Fourth stage 261 -
Fifth astage 255 -

Unit pressure 1is adjusted on an IiIntermlttent basis by manual operatlon
of the make-up gas valve from the control room.

Flow Control

Accurate flow control is the key to efficient operation of the GS
process. For a given set of operating conditions of temperature and
preasure, there 13 only one ratlo of gas to liquid flow that will
result in maximum preduction. Attainment and maintenance of this
optimum flow ratio will depend upon, (a) the inherent precision of the
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flow control instruments, (b) reliability of performance of the instru-
ments, (¢) the operator's setting of the instrument flow control point,
and (d) quality of process gas. Pressures and temperatures must be
held constant since these affect both the value of the optimum ratio
and the indicatlons of the measuring instruments. Effects of changes
in flow ratio are shown in Figure 19, page 56. '

Criteria for AdJustment of Flows

The flow rates in the GS units are limited by the hot tower gas flow.
The proper method of operatlon, therefore, 13 to maintain this gas
flow at the maximum allowable for the pressures and temperatures
exlsting and to manipulate the liquld flow so as to cbtaln maximum
production. It is not posalble, in practice, to predetermine and
measure temperatures, pressures, and flows with an absolute accuracy
that 18 sufficient to achieve an optimum recovery. It 18 neceasary,
therefore, to hold constant all process variables but one, which for
practical reasons 1s the 1ligquid flow, and then find the optimum liquid
flow by analyzlng concentration performance of the towers at varlous
liquid flow rates.

The optlimum liquid rate is that rate which achleves maximum productlon
of heavy water. When the optimum liguid rate, and therefore optimum
flow ratio, 1s established in a hot-cold column pair the net transport
of product toward the high concentration end, the "work done", will

be the same in each tower¥*, and there will be a symmetrical pattern

of heavy water concentration gradilents in the pair**, It 1s the latter
condition that forms the basls for the best indlcation of operating
efficiency. Referring to Figure 18, page 54, 1t can be seen that
lowering the L/G below optimum (18b} shifts the x-intercepts of the
operating lines to the left. This shift is required and inevitable

if the end concentration is maintained with the nine plates provlded.
In the 1llustration that is given in which the cold tower operating
line i3 parallel to 1ts equillbrium line, the cold tower operating
line has had to shift so far to the left, in order to achieve the
required concentration gain in nine plates, that the intercept 1s
negatlive. Offsetting thls, but not completely, 1s the effect on the
hot tower. The Increased angle between hot tower operating and
equillibrium line permits the requilred concentration gain in nine
plates with a smaller initial spread (first-plate gain}. This in effect
shifts the hot tower x-intercept to the left. The "work done" in the
hot tower is thus increased, but not sufficlently to compensate for
the cold tower decrease.

As has previously been pointed out on page 56, under first-stage
design conditions, when a tower 1ls operating properly, about 20% of
the total change in heavy water composition that is attained 1in the
tower occurs between the low composltion end and the mid-point.

* .See Equation (25), Page 42
** See Flgure 18, Page 54
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Applying this criterion to a cold tower, we can say. that i1f more than
20% of the total rise has occurred in the top half of the tower, the
liquid flow 18 on the low side of the optimum. Conversely 1f less than
204 of the total rise has occurred in the top half, the liquid flow 1s
on the high side of optimum. In case of a hot tower, 20% of the total
change in composition should occur in the bottom half of the tower. 1f
more than 20% takes place there, the liquid rate is too high; if less
than 20% the rate is too low.

If a single pair of towers 1s being operated &s an independent unit (as
in & Savannah first stage) it is only necessary to find and fix the
optimum flow in one tower of the pair, since this automatically fixes
the flow in the other tower. The problem i1s complicated in the firat
stage at Dana, however, because each first stage contains not a single
peir but four palrs of towers connected in parallel. The 20% rule is
helpful in this latter situation.

Sensitivity and Stabllity

The mid-column concentrationa are extremely sensitive indicators of
changes in flow. In & Savannah River unit the effect of a 0.5% change
in flow rate of the gas or liquld stream 1s readily seen 1n the
graphical record of mid-stage concentrations that 1s maintalined for
each unit. Changes of this magnitude are the normal adjustments that
are made to keep ratics at optimum. The adjustments are necessary only
infrequently, &t intervals of one to several days for normal operation.
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Hp$ GAS GENERATION

Twelve hundred tons of hydrogen sulfide gas was required inltilally to
charge the GS process units at the Dana and Savannah River Plants.
This gas was supplied by generating units which were constructed at
each slte. The design capacity of each of these units was specified
as 15 tons of HzS gas per day. Liquefaction facilities and storage
tank capaclty for 200 tons of liguid H>S were also provided with each
generating unit to accommodate the large quantity of gas stored during
initial startup and during the G3 unit hydrostatic test periods.

PROCESS DESCRIPTION

SELECTION OF PROCESS

Hydrogen sulfilde can be manufactured using either primary or secondary
starting materials. The primary processes use such naturally occurring
materlals as barium sulfide, sulfur, or sour natural gas, and produce
HzS respectively by reaction with an acid, catalytic reaction with
hydrocarbon fuel, or scrubbing with a suitable absorbent. The HsS
produced by these processes usually contalns relatively large quantities
of gaseous impurlties which make 1t unsultable for use in the (S process
without further purification. A
Secondary processes are based upon synthetic starting materials of
controlled composition which produce a high purity product. Such a
material 1s sodium hydrosulfide, {NaHS), which was chosen as the raw
materlal for the gas generation process. The process 1is based upon the
reactlon of sodlum hydrosulfide with sulfuric acid to release hydrogen
sulfide gas.

PROCESS CHEMISTRY

Sodium hydrosulflde is manufactured commercilally as a 40% aqueous
solutlon by absorption of Hz=S in sodium hydroxide (NaQH). The
principal impurities are; sodium sulfide (NazS} resulting from
incomplete reaction of the NaQH; sodium sulfite (NazS0a), sodium
thiosulfate (NazS203), and sodium sulfate (NapS04) resulting from
coxldation reactions during processing; sodium carbonate (NazCOz)
originating as an impurity in the NaQH or through the absorption of
carbon dioxide (COz) from the air; and sodium chloride originating as
an Impurity in the NaQOH. A typical analysis of commercial sodium
hydrosulfide is given in Table XVIII,
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TABLE XVIII

Typical Analysis of Commercilal Sodium Hydrosulfide
(Barium Reduction Company)

Conatituent Weight Per Cent
NaHs 36-40
Na=3 1.0
NazSz20a 0.6-0.8
NaCl 0.6
NazS0a4 : 0.1
NazC03 0.35
5102 0.01
Ca0-MgO trace
Fea03 0.005

Concentrated sulfuric acid (55 to 60° Baume') is used to release the
HzS from the sodium hydrosulfide since it is the least expensive
commercial acid and contains no gaseous impurities. The principal
reaction and the side reactions that occur in this process are shown
in equations (1) through (7).

2NaHS + HzS04 — Na2804 + 2HzS (1)
NasS + H2SOa — N2280s + HaS (2)
NasCOs + HeS0s — NazS0s + COz + H20 (3)
Na2S0s + HzS04 — NazS04 + SOz + H20 (%)
NazSz0a + H2804 — Na280s + SOz + S + He (%)
SOz + 2H2S — 35 + 2Hz20 (6)
ZHaS + H2S04 — 45 + UYH20 (7}

The sodium sulfide present in the NaHS solution, although not a true
impurity, reduces the yield of the process [see equation {(2)] and,
even more important from an operating standpoint, raises the freezing
polnt of the NaHS solution (see Flgure 23) making it necessary to keep
the temperature of the NaHS storage tank, and all lines containing the
NaHS solution, above 30°C.

Equations (3) through (7) result in the formation of carbon dloxide
and free sulfur, both of which are undesirable by-products. The carbon
dioxide 1s an inert gas diluent in the GS process units, and although
means are avallable both in the gas generating unit and the GS units
for removing inert gases, COz is particularly difficult to separate
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without excessive HzS losses. The formation of free sulfur, although
having no effect on gas quality, can become a serious operating problem
within the gas generation unit since 1t can foul column packing and
heat exchange surfaces, and plug the smaller ripelines.

Based upon the percentages of impurities shown in Table XVIII and the
reaction shown in equations (3} through (6), the stoichiometric
quantities of C02 and sulfur produced per ton of HzS generated are 33
and 46 pounds, respectively. An additional scurce of sulfur is
available through the oxidation of HzS by sulfuric acid [equation (7)],
however, operation of the generating unit with a slight excess of NaHS
to maintain an alkaline process pH (Hz2S-free) results in a negligible
rate for thils reaction.

The gas preoduced by the generation unit 1s about 98% H2S; the balance
being carbon dioxide and a small amount of hydrogen generated by the
corrosion of the process equipment. The hydrogen and about 50% of the
carbon dioxlde can be removed during the liguefaction step in the
process, resulting in a final gas quality of about 99.3% HzS.
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Complete thermodynamic and compressibility data on hydrogen sulfide
are shown in Filgures 24 and B=-3, respectively.
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Vapor pressure and density are given 1n Figure 25, including the
pressure and temperature condltions necessary to the formation of the
solld st-6H20 hydrate. Discussiona of the physiological and corrosive
properties of hydrogen sulfide appear respectively on page 78, and 22
of thils Manual, and addltional physiochemlcal data can be found in
references (10) and (11) listed in the Bibliography.
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FIGURE 25 - DENSITY AND VAPOR PRESSURE OF HYDROGEN SULFIDE

PROCESS DESIGN

A schematlic process flow dlagram of the H S gas generating unlt and
assoclated storage and liquefaction facllitles 1s shown 1n Figure 26.
The equipment arrangement 1s ldentical for both the Dana and Savannah
River Plants and each has a rated capaclty of 15 tons of H,S per day.
The generating unit at Savannah River l1s currently operating four to
five days each month to supply the 30 tons per month of gas make-up
requlred by the Savannah GS unlts.

Sulfuric aclid and sodium hydrosulfide are received in tank car lotsa
and pumped into storage tanks. From the storage tanks, they are
metered continuously to a "U" shaped, glass-lined pipe reactor where
they mix te form the Hy3. A water stream 18 also metered to the
reactor as a diluent to prevent precipitation of the by-product
sodium sulfate. The acld and sodium hydrosulfide streams are auto-
matically adjusted to maintain the pH of the Hp3-free effluent
between 9 and 10.
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Gas and liquid are discharged from the reactor into a cyclone separator
from which the liquid flows to a lead-lined packed column to be stripped
of dissolved H,S by steam before being discharged to the sewer. Gas
from the reactor separator, combined with the overhead gas from the
stripper, passes to a packed scrubber column where 1t 1s cooled from

50 to 20°C by recirculated cooling water. Gas discharging from the
scrubber passes through a knockout drum and second cyclone separator
where entrailned water is removed, and from the separator 1t passes to
the suction of a two-stage reciprocating compressor. Water removed
from the gas in the scrubber, knockout drum, and separator 1s pumped to
the stripper for disposal to the sewer.

Compressed, heated gas from the first compresslion stage passes through
an intercooler and separator and then to the second compression stage
from which it is discharged at approximately 425 psig. The compressed
gas 18 liquefied in water-cooled condensers and plped to storage tanks
where it is held under pressure until required by the GS units. The
storage tank pressure 1s maintained by an external steam heated
vaporizer having sufficient capacity to deliver 6 to 7 tons of H,S per
hour to the @8 units.

Inert gases formed in the reactor cause a buildup of the condenser
system pressure and retard liquefaction by blanketing part of the
condenser tube surface. These inerts are vented from the main con-
densers to the low pressure flare stack through a small reflux
condenser which reduces the H,S losses.

H,S can be returned from the GS units to the gas generation unit for
storage. This gas is cooled in the gcrubber, passed through the
knockout drum and separator to remove water, compressed, liquefied,
and transferred to storage.

EQUIPMENT DESCRIPTION

The equipment used in the generation unit and the gas storage

facilitles at Savannah River is described a3 follows; that at Dana
is very similar. A brief discussion of materials of construction
and corrosion has also been included. :

GAS GENERATION FACILITIES

The gas gensration facilities consist of the following major items of
equipment:

Reactor _ - Two 2-in. IPS by 10-ft long sections
of glass-lined pipe in series forming
a "yg", with a mixing tee at the
Inlet end.
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Reactor separator

Stripper

Serubber

Scrubber cooler

Knockout drum

Entrainment separator

NaHS storage tank

H.S0, storage tank

Pumps

GAS STORAGE FACILITIES

An 18-in. diameter by 4-ft high,
rubber-1lined, tangential entry
cyclone separator.

A 23-in. diameter by 17-ft high
lead-1lined column packed with
12 ft of 1-1/2-in. ceramic
Raschig rings.

A 24-1in. diameter by 15-ft high
column packed with 10 ft of
1-1/2-4n. ceramic Raschig rings.

A horizontal shell-and-tube, 4 pass
heat exchanger 20 ft long with an
effective transfer area of 276 ft2.

A 30-in. diameter by 7-ft high
column acting as a water separator.

A 16-in. diameter by 2-1/2-ft high
tangential entry cyclons separator.

A 250,000-gallon vertical cylindrical
tank with internal steam heating coil.

A 30,000-gallon horizontal eylindrical
tank.

The NaHS feed, H S0, feed, scrubber
recirculation, and tank car unloading
pumps are all electrically driven;
centrifugal, packed pumps have cap-
aclties in the 10 to 50 gpm range.

The gas storage facllitlies consist of the following major equipment:

Compressor

A two-stage reclprocating compressor
with intercooler and separator driven
by a 125-hp electric motor. Two
unlts operated in parallel with a
capaclty of (a) 625 1b/hr, H,S at

5 psig from the reactor, and (b) 4500
1b/hr, H,S at 100 psig from the

GS unlts.
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A single pass 10-ft long by 22-1n.
diameter shell-and-tube hcat exchanger
with an effective area of 420 TtZ One
unit used with each compressor.

Compressor intercooler

Intercooler separators -~ 4 12-1n. diameter by 5-ft high
tangential entry cyclone separator.

Main condenser - Three 20-ft long horizontal shell-
and-tube heat exchangers in series;
2ach shell having an sffective area
of 1700 £t Units operated in
parallel.

Storage tank - Two 11-ft.diameter by 48-ft long
horlzontal cylindrical tarks with a
capacity of 35,000 gallons each.
Internal steam heuting coil in each
tank.

Vaporizer - 81x-ft vertical steam heated shell-
and ~tube calandria having an effective
transfer area of 60 ft?. One for each
storage tank.

MATERIALS OF CONSTRUCTION

Low carbon steel 1s used throughout the unit for process vessels and
piping except where severely corrosive mixtures of H,S and H,SC, may
occur; that i1s, in the reactor, reactor separator, and stripper. In
these locations lead-, rubber-, or glass-lined steel, "Hastelloy" steel
or "Haveg" carbon ceramic is used. tainless steel, Type 304 and 316,
1s used where thin-walled secficns are required such as in heat
exchanger tubes, and where corrosion free mating surfaces are
necessary in valve assemblies and pumps. For a complete discussion
of the corrosion, erosion, hydrogen embrittlement, and blistering,
which cccur in the HyS8-H,0 system, see pages 22 through 25 of this
Manual. .

PROCESS CONTROL

GAS GENERATION UNIT PROCESS CONDITIONS

The operating conditiocns for the Dana gas generation unit shown in
Table XIX are illustrative of those used in both plarits.
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TAELE XIX

Gae Generation Process_Conditions

H,S Generation Rate

Reactor

NaHS feed temperature

NaHS feed rate (40% conc.)
HaS80, feed rate (70% conc.)
Treated Hpo0 feed rate

Hp80, feed temperature
Treated Hg0 feed temperature
Exit liguor temperature

Serubber

Exit gas temperature

Inlet water temperature

Inlet water rate

Exit water pH

Differential pressure through column

Temperature of cooling water at exit
of scrubbing water cooler

Inlet gas temperature

Exit water temperature

Bane pressure

3tripper

Off-gaa temperature
Effluent liquor pH
Effluent liquor Nag30,

Steam (25 palg) feed rate
Differential pressure
Base pressure

Exit liquor temperature
Knockout Drum

Preasure

Compressors

Interatage cooler gas exit temperature

Second-stage discharge preasure
Intercooler water exit temperature

Suction presaure
Interstage pressure

Condensers
Liquefied H,S temperature
Cooling water exit

HeS Storage
Tank pressure

Control Ranges

Gas Generation

Gas Rundown

3 to 15 tons/day

30°C {+10)

6.5 gpm max.
3.5 gpm max.
5.5 gpm min.
20°C (-20, +10)
30°C (+5)

48°c (-13, +2)

25°C (max.)
3280 (110)
5-%0 gpn

4 (min.)

0.3 pal (max.)

55°C (max.)
50°C (-15, +5)
45°c (+10)
7 peig (max.)

96°C {min.)
9-10
29% (max.)

800 1b/hr (£200)
0.5 pai (max.)

7 paig (max.)
1209C (max.)

0.25 - 7.0 psig

20°c (t2)
420 paig (max.)
60°C (max.)

0.25 paig (min.)

55 paig (0, +15)

35°C (-5, +10)
60°C (max.)

460 paig (max.)

9,000 1b/hr(max.)

5°C above hydrate
320¢ (:2)

5-40 gpm

4 (min.)

0.51 psl (max.)

60°C (max.)
120°¢ (max.)
107°C (max.)
100 psig*

g6° (min.}

{variable)

0.3 psl {max.)
7 paig (nax.)
120°C (max.)

100 psig (max.)*

5°C above hydrate
420 paig (max.)
60°C (max.)

0.25 peig (min.)
100 psig {max.)*
220 10 psig

36%C (-5, +10)
60°C (max.)

460 psig (max.)

* The maximum pressure for rundown gas from the Dana G3 units was reduced from 250
to 100 pslg after hydrogen bliastering of the walls of the scrubber was dle-

covered 1n the 1956 hydrostatic test.
the vessel which lowered its maximum safe operating preasure.

- gl -

The blistera were vented in the inside of



REACTOR CONTROL

The reactor flow rates depend upon the desired gas production rate,
¥leld losses, reactant concentrations, and impurlties. Yield losses
result from leaks, oxidation in the reactor, decomposition in the
compressors, and use of an excess of one reactant. The calculation
of reactant flow 1s simple stoichiometry based on equations (1)
through (6) on page 86, and for operating purposes heas been reduced
to the use of charts and tabular factors for the concentration of
reactants and their impurities based upon a unit production rate of
HsS gas. _

Water i1s added te the sulfuric acid stream entering the reactor to
keep the concentration of the sodium sulfate by-product below 1ts
solubllity limit of 30% in the stripper waste solution.

GAS GENERATION PRESSURE CONTROL

Pressure control of the process is a function of the gas generation
rate and the intake capacity of the compressors; howaver, the latter
is not.controllable but is determined by the design of the compressor
and 1ts volumetric efficiency. The system pressure is, therefore,
controlled by the HyS generation rate or synonymously by the reactant
feed rate. ; . -

The compressors are provided with pressure-actuated stop switches to
prevent drawing a vacuum which might draw alr into the system, creating
an explosive mixture with HpS. If H,S must be generated at a rate
lower than the normal compressor intake capacity, a poriion of the
compressor discharge can be recycled to maintain positive suction
pressure.

WASTE STRIPPER CONTROL

The pH of the waste stripper controls the ratio of NaHS to H,50, fed
to the reactor. This pH 1s controlled hetween 9 and 10, representing
a 0.1% excess of NaHS in the feed reactor and 0.01 to 0.02% sulfide
concentration in the stripper waste. This sulfide is oxidized by the
atmoaphere to free sulfur at the waste outfall. Alkaline operaticn

of the system markedly decreases the free sulfur formation in the
system thereby preventing serious fouling of packing and heat exchange
surfaces. '

The steam rate to the waste stripper must be controlled to hold the
free Hp,S concentration below 5 ppm to prevént atmospheric pollution.

TEMPERATURE CONTROL OF THE COMPRESSED GAS

At the operating pressure of the liquefaction and storage system
(350 to 400 psig), H,S hydrate will form below 29°C (84°F), Since
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water vapor is present throughout this system, hydrate pluggage can
oceur in the condensera, compressor intercoolers, storage tanks, and
transfer lines. To prevent hydrate formation all pipe lines and tanks
containing high pressure gas or liquid Hy8 are steam heated, and
careful temperature control is maintained on the cooling water used 1n
condensers and heat exchangers. ’

INERT GAS VENTING

In the GS proceas any gases other than HpS act as dlluents reducing
production in direct proportion to thelr concentration. It 1s
necessary in the gas generation plant, therefore, to remove by-product
gases and inerts; primarily carbon dioxlde, hydrogen, nitrogen, and
sulfur dioxide. These gases accumulate in the condensers where they
are periodically vented to the low pressure flare. They are removed
through a reflux vent condenser to minimize coincident HpS loss.

WATER REMOVAL FROM THE STORAGE TANKS

Water accumulates slowly in the liquld H,S storage tanks as the gas 1s3
used by the GS units and is replaced by freshly manufactured gas.

This 1liquid water in the tanks presents a corrosion problem and when
present in the H,3 vaporizer seriously reduces the vaporizing
capacity. Water being more dense than liquid H,S 1s removed by
periodic purging from the bottom of the tank and the vaporizer.

ANALYTICAL CONTROL

Analytical control of the process consists-of sampling product,
reactant, and waste streams to ensure that they remain within
specified 1imits. These analyses and specifications are glven in
Table XX. -

TABLE XX

Gas Generation

Sample Quantity Frequency ' Specifications
NaHS 2-1/2 liters Each tank car NaHS - 40% (£3%)
Nags - 1&.0% max.

N22520a - 0.4% max.
. _ NazCOa - 0.4% max.
H2804 1 quart Each tank car Hz804

- 70% min.
HaS 250 cc pressure
cylinder Once per day Ho8 - 99.6%4 min.
€0z and inerts - O.4% max.
Waste
Water 8 oz bottle Once per day pH - 9 to 10
Sulfate - 29% (Na2S0.) max.
Sulfide - 50 to 1000 ppm
HzS - 5.0 ppm max. (free)
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DW PROCESS

The various methods which have been used or proposed for separating
mixtures of light and heavy water, and the reasons for gelecting the

DW process for the intermediate concentration range have been explained
in detall on pages 12 and 16 of this Manual. Briefly, the DW process
was chosen for both the Dana and Savannah River heavy water plants
because of 1ts dependabllity. The additional capital and operating
costs incurred to achleve this dependability were small since the
quantity of material handled is only 0.1% of that handled in the first
stage of the GS process,

PROCESS DESCRIPTION
DW PROCESS CONCENTRATION GAIN

The DW units were designed to take a Da0-H20 mixture econtalning 10%

D20 from the GS process, and separate this mixture into a concentrated
fraction containing 98% D20 and a dilute fraction containing 3% DaO.

The >% material was to be recycled to the GS process, and the 984
material forwarded to the electrolytic process for further concentration.
Since the GS process was designed to produce a 15% D=0 concentration

and the E process was deslgned for a 90% D20 feed, the overlap of the

DW process deslgn at elther end of the range acted as-a gafety factor
for the three-plant complex. '

In actual practice, the DW feed concentfation ranges from 12 to 17%,
the GS return stream from 2 to 6% and the concentrated product to the
E process from 90 to 95% D20.

THE SERIES-CASCADE DISTILLATION TRAIN

The DW process 1s a continuous distillation carried out in a train of
8ix columns. This distillation train comprises a rectifying section
wherein the concentration of heavy water is reduced from feed
composition (10 to 17#% D20) to overhead composition (2 to 6%); and a
stripping section wherein the concentration is increased from feed to
talls composition (90 to 95% D20). This still train operates at
reduced pressures to take advantage of the higher relative volatility
of light to heavy water at low pressure.

The Dana Plant DW process conslsts of six of the smaller towers of

the original heavy water distillation plant which was operated at that
site from 1943 to 1945, These six columns are arranged In a series
cascade of four stages, two columns each comprising the first and
second stages, and single smaller columns in the third and fourth
stages.

The Savannah River Plant DW process consists of two identical,
six-column, five-stage cascades operated in parallel; having about the
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same total capacity as the Dana DW unit, The flrst stage 1n these
units consists of two columns with a single column of smaller size
assigned to each of the remaining four stages.

In both plants, all stages are in series, with transfer of D20 from
stage to stage accomplished by returning all condensate from a higher
stage to a plate near the bottom of the next lower stage. A stream
of liquid from the base of the lower stage equal to the amount of this
condensate plus the product drawoff is sent forward to the higher
stage. Several feed points are provided 1ln the flrst stage so that
the feed concentration can be matched to the operating column
concentration.

FUNDAMENTAL PRINCIPLES OF PLANT DESIGN

The methods used for designing continuous distillation equipment are
well ¥ngwn and are described in detall in various chemical englneering
texts *®'. For this reason, the subject is discussed here only briefly.

RELATIVE VOLATILITY

As has previously been discussed on page 31, any water which contains
both hydrogen and deuterlum contalns three compounds, H20, HDO, and
D20, existing together in equilibrium concentration. The equilibrium
18 established very rapldly, so rapidly that for practical purposes
all such mixtures can be considered at equilibrium. A chart relating
equilibrium composition to concentration of deuterium in water, is
shown 1n Appendix A as Figure A-l. By reference to this chart 1t can
be seen that at low concentrations of deuterium there are present

H20 and HDO, but very little D20; similarly, at high concentrations
of deuterium there are present D=0 and HDO but very little H20. Only
near the middle of the range are both Hz0 and D0 present in apprecilable
amounts. The effective separatlion factor for distillation, therefore,
is the relative volatility of H-0 and HDO in the low range, and the
relative volatility of HDO and D20 in the high range. For practical
purposes these are identlcal.

In design calculations one may take the numerical value for the relative
volatllity of H20 and HDO, and apply it over the entire range of
concentration, on the basis of a two-component system. The a@ssumption
of a two-component system results in a slight over design near the
mid-point of the concentration range where three components (H20, HDO,
and Dz0) are actually present in appreciable amounts. The difference
is not of practical significance, however, in this case. In setting
up.calculatlons for the two-component system, it is usual to express
the entire deuterium content as mol % D20 and the entire hydrogen
content as mol % Ho0, and all figures herein quoted are on that basls,
This 1s simply a matter of convenience; the relative volatillity data
take proper aeccount of the faect that HDO is actually a major component
of the system.
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Raoult's law, which states that the vapor preésure of each component
of a solution 1s proportional to the mol fraction of that component
present in the solutlion, 1s applicable to the water system. Under
conditions of eguilibrium, therefore, the vapor composltion 1s related
to the liquld composition by the following formula:

a = l-x
x(1-y)
where & = relative volatility
X = mol fraction of more volatile component 1in
the liquid
¥ = mol fraction of more volatile compenent 1n

the vapor

The relative volatility of the water 1sotopes varies significantly
with temperature, and consequently varies with the pressure prevailing
in the distillation equipment.

OPERATING PRESSURE

The lower the pressure at which the water distillation process 1is
operated, the greater is the relative volatlility, and consequently
the smaller is the quantity of heat or the fewer the plates requlred
for a glven separation. Practical considerations of equipment design,
however, preclude the use of pressures much below 100 mg of mercury
absolute, at the top plate of the column. (The more important of
these considerations are the pressure drop in the condenser system
and the pressure drop across each plate of the column itself.)} The
DW units are designed to operate with a pressure of 100 mm Hg above
the top plate of each stage. o

It may be noted that a somewhat higher production can be achieved
from the still train by lgnoring steam economy and operating at a
higher pressure. As the pressure 1s raised the steam consumption
increases by a larger factor than does the productlvity of the still
train. However, when the DW process 1s considered as a part of the
heavy water manufacturing plant complex, 1t can be shown that in terms
of over-all plant productivity the steam is more efficlently utilized
in the G3S process.

A significant reduction in the over-all column pressure and 1ncrease
in separation efficiency might be realized in future installatlons
through the use of sultably designed low pressure drop sieve plates
rather than the conventional bubble cap plates.

STILL TRAIN DESIGN

The composition of the material selected to be produced and sent to
the E process for final concentration was 98%. It was assumed that
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the feed composition for the DW plant would be 104, thus allowlng some
leeway to the GS plant which 1s actually designed to produce 15%
material, It was desired that the D20 content of the weak fraction
returned to GS be relatively low, to reduce the quantities of material
handled between the two plants.

Given the guantity and composition of product and the composition of
the feed, the McCabe-Thiele graphical method was used. Design data
known to be applicable to bubble cap columns in this service are:

(1) a vapor-carrying capacity of 270 1b/(hr)(£t)® of
column cross-sectional area at 100 mm Hg absolute
pressure,

(2) an over-all plate efficiency of T0%, and

(3) a pressure drop of 3.5 mm Hg per {actual) plate at
the vapor rate given in (1).

In using the McCabe-Thiele method for caleculating fractionation of
jsotopes in water, 1t is necessary to take into account the fact that
the absolute pressure, and consequently the relative volatililty,
changes from plate to plate. A practlcal procedure, starting with the
composition at one end of a column, is to locate the operating line,
then draw a short section of the equilibrium line based on the average
relative volatility prevailing in about four actual (three theoretical)
plates; then step off three theoretical plates. From thils point draw
another section of equilibrium line based on a new relative volatility,
step off three more theoretical plates, and so on until the number of
steps equals the desired number of theoretical plates 1in the column.

This general method of computation resulted 1in the selection of
certain existing columns for the Dana still train. It was found that
these columns would produce the desired amount of 98% D»0, and at the
same time produce an "overhead" or weak fraction containing about

3% D20. The latter was consldered an acceptable figure for the
material recycled to the GS process. A similar McCabe-Thiele method
1s used to fix the number of plates and staging of the Savannah River
DW process.

It may be noted that the DW stlll train at Dana, made up as it 1s of
columns salvaged from the old plant, 1s staged somewhat differently
than the new still train designed specifically to operate between
concentrations of 3 and 98%. The difference 1is principally in the
second stage, which in the Dana DW plant is the same size as the

first 'stage. (In the original plant these units operated in parallel,)
The preferred design for a new still train calls for a smaller second
stage and a greater total number of stages, and as a net result, a
smaller over-all plate area.
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FLEXIBILITY OF THE DW PROCESS

An important characteristic of the DW plant is the fact that as the
throughput of D20 is reduced, the train 1s able to handle a lower
feed concentration. PFor instance, during the startup phase of the

GS plant, the DW plant was able to take material containing as llttle
as 1% Dz0, rather than a 10% solution which 1s required at full D20
throughput. The 1% solution was separated into a weak fraction
containing less D20 than does natural water (less than 0.015%) and a
concentrated fraction contalning at least 504 D20. 3ince the E process
can also handle lower feed compositions at lower throughput rates,
this weaker-than-design material was taken into the E plant and
concentrated to full strength.

This flexibility 1s Iimportant for two reasons, (1) during the startup

of the GS process it 1s not necessary to achieve design concentrations
in the GS units in order to obtain some production of heavy water, and
(2) by holding low concentrations in the DW train at reduced throughput
the amount of Dz0 held up in the train is lower. In fact, the preferred
method of operating the DW unit is to keep the Dz0 zoncentration
throughout the still train as low as possible, contingent on the ability
of the E process to handle the end product of the train.

Thus at the start of GS operations the overhead fraction from the DW
plant had a D=0 content as low as 0.01%, and the material sent from

DW to E was as low as 20%. As production of the @S plant increased,

and more Dz0 was handled by both the DW sti1l1l train and the E process,
the concentration level throughiout the DW train built up until at design
throughput of Dz0, the composition of the "overhead" product approached
the design value of 3%, and that of the "tails" product approached S0%.

CONCENTRATION OF THE OXYGEN-18 ISOTOPE

The oxygen isotope of atomie weight 18 1s present in natural water to
the extent of about 2 parts for each 1000 parts of oxygen-16, and the
distillation process tends to concentrate oxygen-18, as well as
deuterium in the talls fraction. The relative volatillty acting to
separate the oxXygen isotopes, however, 1s much smaller than that
acting to separate the hydrogen isotopes. At the design throughput
rate, water enters the DW unit with the normal abundance of 0.2 atom
per cent oxygen-18 and leaves the final stage with an oxygen-18
abundance of 0.4 atom per cent, a twofold increase. This change in
oxygen-18 concentration does not affect the use of heavy water as a
moderator.

Appropriate account must be taken of the variation in oxvgen-18 content,
in selectlng and applying analytical methods for determlnation of
deuterium in the DW and E process streams. A general discussion of
analytical methods for heavy water is given in Appendix D.
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EQUIPMENT DESCRIPTION
Simplified process flow diagrams for the Dana and Savannah Rlver DW
units are shown in Figures 27 and 2B respectlvely, and a brief
description of the principal equipment is given in Table XXI.

TABLE XXI

DW Process Equipment

Columns . Reboiller Condensers
Number of Number Nominal
Stage Columns Diameter, Height, of  Holdup**
Number in Stage £t ft Plates* Gallons Area, £t Area, ft°
Dana Plant
1l 2 10.5 81 T2 5800 750 6000
8.0 a0 83 4500 o
2 2 10.5 81 72 5200 T50 6000
8.0 90 83 k500
3 1l 5.5 - T7 T2 1600 200 1600
4 1 2.5 77 T2 350 50 00
Savannah River Plant
1 2 7.5 80 .72 3000 360 4500
2 1 5.0 78 T2 1300 . 160 2000
> 1 4.0 78 T2 . 800 110 1200
4 1 4,0 78 Te 800 - 110 1200
5 1 4.0 78 72+ 800 110 1200

* Plate spacing in all ¢olumns is 12 inches
#% Holdup includes assoclated calandria and//or condenser

In addition to the equipment shown in Table XXI each stage of a DW

unit 1s equipped with two-stage steam Jet eductors which operate off
the condenser head apace to maintaln system vacuum. All gases reaching
the Jets firat pass through ammonla refrigeration units which recover
egsentially all of the water vapor.

Tanks mounted on scales are provlded so that the DW feed, product,

and overhead streams can be analyzed and welighed for purposes of
inventory and production control.
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PROCESS CONTROL

GENERAL PRINCIPLES

The DW plant 1s relatively simple to operate. As 18 the case with
any contlnuous distillation process, flow control 1s of primary
importance, and the more uniformly the various criltical flows are
maintalined the better will be the performance of the atill train.
The critical flows are:

l. 8team to each reboiler

2. Flow of 1liquid pumped from base of each tower to
next tower in serles

3. GS product fed to still train

4, oOverhead product withdrawn from still train for
return to GS

The problem of operating the DW traln 1s essentlally one of balancing
flows to and from each tower so that the 1liquid level in each stays
within permiassible limits. Because of the characteristics of the
system 1t has proved simpler to do thls by flow controllera rather
than by level controllers. By this means flows are held constant

and levels are allowed to drift slightly to compensate for minor
deviationa from perfect balance. B8light corrections to flow settings
are made as necessary to hold levels within bounds.

A discusslon of stlll train operatilon leogically starts with steam
flow. Each column 18 capable of carrying a certain vapor load and to
bring about this vaporization there 1a requlired a definite quantity
of steam at the reboller. The first flows to be fixed, therefore,
are the steam flows.

The stages of the still train can be started one at a time. The first
stage, as previously mentloned, consists of two towers connected to
operate as a single column., {All liquid which flows down one tower
1s pumped from the base of that tower to the top of the second tower,
and all vapor leaving the top of the second passes to the base of

the first tower.} To start the first stage, sufficlent feed is
admitted to f11l1 the plates and the reboiler, cooling water flow is
establlghed through the condenser, ateam is turned on and established
at the standard flow for this stage, and all of the condensate from
the condenser i1s allowed to return to the top plate {(total reflux).
Feed 13 then started at an appropriate rate. At the same time a flow
of "overhead drawoff" is started from the condenser in amount equal
to the feed.

To determine whether overhead drawoff rate 1s exactly equal to the

feed rate, it is only necessary to observe the trend of liquid level
in the base of the column adjacent to the reboller. The drawoff rate
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is then adjusted slightly to correct any drift observed in this liquid
level, Thus the technique of operatlon consists 1n settirig flows of
steam and feed at predetermined values, setting flow of overhead
drawoff equal to flow of feed, then making minor adJustments in the
flow of overhead drawoff{ 1ln order to make this flow balance exactly
with the feed.

The stage 18 now operating to concentrate heavy water, and the D0
content of the material at the reboliler end of the stage will gradually
increase. '

Assume now that the second stage has been put into operation on "total
reflux" in a manner similar to that described for the first stage.

The two stages are then connected together by introducling the total
flow of liquid from the second atage condenser onto the second plate
{counting from base) of the first stage, and at the same time pumping
1iquid at an equal rate from the base of the flrat stage to the top

of the second stage. These two flows are balanced by observing the
level in the base of the second stage and making minor adjustments 1n
the flow of liquild entering the top of that stage. 1In a simllar
manner the remaining stages are successlively placed in operatiocn.

In normal operation, the total withdrawal of liquid from the train
(first stage overhead plus final stage tails) must on the average
equal the feed of liquid. The rate of drawoff from the base of the
final stage, however, 1la ao small compared to the amount of liquid

in the traln that varlations in this rate of drawoff do not affect,
slgnificantly, the problem of controlliing the other stages. The
wlthdrawal of product from the final stage can therefore he varied at
the operators diascretion, the base of the column acting, in effect,
as a small, internal, holdup tank for product.

If no product 1s withdrawn from the flnal stage, the congcentratilon

of D20 at the base of that stage will gradually increase toward a
steady stage value. After withdrawal of product 1s started the Da0
concentration will level out at some lower value. The composition
of the material withdrawn as product from the base of the final stage
can be varied over a conslderable range simply by varying the total
amount withdrawn. As the rate 18 inereased, the D20 content falls;
conversely, as the rate is reduced, the D0 content rises.

Changes in composition of the "talls" product take place rather slowly
because of the relatilvely large holdup in the still train. 1In practilce,
therefore, it is feasible to draw product from the final stage
intermittently, observing the trend of D20 composition in this product
and adJjusting the amcunt drawn to maintain the desired product
composition.
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OPERATING PRESSURE

The preferred range of operating pressure for a DW column 1s 85 to

95 mm Hg absolute, measured 1n the condenser vent lline. The pressure
drop through the vapor line and condenser is about 10 mm Hg so that

the pressure above the top plate will be about 95 to 105 mm Hg. As
previocusly noted, operation at a higher pressure will increase the
productivity of the still train. This 1s so because the vapor-carrying
capacity of the still columns is directly proportional to the square
root of the operating pressure. As the pressure is ralsed, however,
the relative volatility decreases, and the steam consumpflon increases
at a greater rate than does the productivity. As long as the DW trailn
is able to handle its load at 100 mm Hg operating pressure, therefore,
nothing is gained, and in fact steam economy 1s sacrificed by operating
at a higher pressure.

As regards operation at pressures below 100 mm Hg 1t has been stated
previously that practical considerations prevent the effectlve use of
pressures much below this figure. It will be noted that as the pressure
is reduced, at a constant rate of vaporization, the vapor valocity
increases, not only in the column but also in the vapor line and
condenser. As veloclty increases, pressure drop in the system
increases rapidly. For instance, 1f with design steam flow to the
reboiler the pressure at the control point of a DW still column

(1ine between condenser and vacuum Jjet) 1s reduced from 90 to 50 mm Hg,
the pressure drop between that point and the top plate of the column
willl rise sharply, and the pressure actually existing at the top plate
wlll be about 75 to 80 mm Hg. The pressure drop across the top few
plates of the column also will increase markedly, further reducing

the effect of what started as a large reduction in pressure at the
condenser vent line. A study of all the variables leads to the
conclusion that, although steam economy 1z favored by reduced pressure,
no practical benefits can be achleved by operating much below 10O mm Hg.
(The availability, on a commercial basis, of still columns with
markedly reduced pressure drop per theoretical plate such as sleve
plates would change this situation.)

No mention has been made in this discussion of operating temperatures,
normally an important variable in still operation. The differences in
boiling point among the water isotopes are so small, however, that the
measurement of temperature 1s of no value in controlling the DW plant.

BOILUP RATES

Column capacity 1s related to vapor density and vapor velocity by the
following formula which has been developed as a design index of
capacity. It has been found that operation at "F" factors much above
1.0 results in marked increases in plate-to-plate entrainment with
conaequent loss of plate efflelency:
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F =up

where L = vapor velocity, ft/sec (average
velocity over column cross section)

vapor density, 1b/ft°®

1l

P
F

For the columns of the DW plant the design vapor rate was defined by
a value for "F" of 1.0. At the design condition of 100 mm Hg pressure
the density of saturated water vapor is 0.00564 lb/Tts. By .solving
for "u" in the above eguation, there 18 obtained a value for vapor
velocity of 13.3 ft/sec. The vapor rate per square foot of area 1s
then 270 pounds per hour. '

index of column capaclty

Experience has indicated that the DW columns wlll operate at ngpt
factors above 1.0 with little loss 1in efficiency since the design "F"
factor was based on the conditiona on the top plate of each column,
Operation at "F" factors above 1.0 decreases the efflclency of only
a few of the top plates while the throughput is increased by the
higher bollup, throughout the column.

PROCESS ILOSSES

Only the bottom of the second column in the first stage, the process
pumps and pump discharge lines operate at pressures above atmospheric.
Therefore there is very little hazard of product loss in the DW process.
However, product dilution can occur through calandrla or condenser
tube leaks or through air inleakage carrying with 1t natural
concentration water vapor. Product dilution is controlled by perlodic
fluorescein dye injection on the calandria steam chests and condenser
cooling water. Any dye concentration showing up in the process steam
18 indicative of a leak. Alr inleakage 1s detectable by the closing
of a pressure-controlling air bleed which is located in the steam Jet
suction line (see Figure 27, page 103). Closing of this valve and
overload of the ammonia coolers both indicate that there 1s an ailr
leak in the column with which the Jet and cooler are assoclated.

All tanks or equipment in the atmosphere pressure parts of the feed,
talls, or overhead systems where water vapor can escape are protected
by passing all of the vents for such equipment through ammonla coolers
or desiccant traps.

STANDARD OPERATING CONDITIONS

Table XXII shows the standard operating conditions for both the Dana
and Savannah Rlver DW processes.
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TABLE XXIT

DW Process Standard Operation Condltlons

DANA PLANT

Column Head Preasure Range
First stage 80-200 mm Hg absolute
Second stage 8o0-200 " M "
Third stage 80-200 " " "
Fourth stage 8p-200 " " "

Boilup Rates Maximum
First stage 30,000 1b/hr
Second stage : 30,000 "
Third stage 8,000 "
Fourth stage i,700 "

SAVANNAH RIVER PLANT

Column Head Pressure Range
First stage 60-200 mm Hg absolute
Second stage 60-200 " " "
Third stage p0-200 " M "
Fourth atage 60-200 " " "
Fifth stage 60-200 " " "

Bollup Rates Méximum
First stage - 16,500 1b/hr
Second stage 7,900 "
Third stage o 5,000 "
Fourth stage , 5,000 n
Fifth stage 5,000 "
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100
100
100
100"

Normal

23,000
23,000
6,200
1,200

Normal

90
Q0
90
90
90

Normal

11,000
5,000
3,000
3,000
3,000



E PROCESS

The E process 1s the final concentration operation in the production

of 99.75% pure heavy water. This process follows the separation and
concentration of heavy water to 90%#, which 1s accomplished in the GS
and DW processes using chemical exchange and distillation, respectively.
The E process at Dana and Savannah River are enlarged versions of the
batch electrolytic process used for final concentration of heavy water
at the Morgantown Ordnance Works during the period 1943 to 1945.

FUNDAMENTAL PRINCIPLES

SEPARATION FACTOR

When water, which 1s a mixture of the oxides of the hydrogen isotopes,
1s electrolyzed, the heavier 1sotope, deuterium, 1s concentrated in

the resldue as deuterium oxlde while the lighter isotope, protium,

i8 concentrated in the evolved gasea. This concentration effect 1s
attributed to the difference in mobilitles of the protium and deuterium
lons in solutlion. The separation 1s analogous to simple bateh distil-
latlion and can be expressed in terms of the Raylelgh equation; i.e.,
the relationship be?we?n the liquid in the cell and the gas evolved

may be expressed as''?

Ay _ By
1n Ae a in Bo
(x,) (v,)
where a = -_Wj
: (xa yb

when Ay = total mols or pounds of Hz0 in fhe charge'

Az = total mols or pounds of Hz0 in the residue

Bi = total mels or pounds of D20 in the charge

Bz = total mols or pounds of D0 in the reaildue
= mol % HeO in the cell liquid at any instant
a = mol % Hz in the cell gas at any instant

x, = mol % D20 1in the cell liguid at any instant

¥, = mol % Dz in the cell gas at any instant

a = separation factor
The over-all separatlon factor (alpha) under practicable operating
conditions with carbon steel cathodes and nickel ancdes 18 between
8 and 10. Alpha 1s affected adversely by entrainment and by high

cell temperatures, both of which increase the water concentration
in the cell off-gas.
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ELECTROLYSIS

In order for electrolysils to take place, an electrolyte must be present
to ecarry the current through the solutlon between the electrodes. The
potential required to cause current flow is dependent upon

(1) the decomposition potential of the water,

(2) the overvoltage of the gases and polarization of the
electrode surfaces,

(3) the resistance of the electrolyte, and

(4) the resistance of the power supply connections.

Depending on these four factors, the voltage required for the cell
design and electrolyte used in this process ranges from 2.5 to 3.5
volts., The higher the voltage durilng electrolysis, the greater the
heat evolved in the cell; the higher the wvaporlzation rate of the
electrolytic solution, and the lower the over-all alpha.

The electrolysis operation is carried out in cells in which no
provisions are made for separating the cathode and anode gases evolved.
This type of cell is preferred to the diaphragm type, in which
hydrogen and oxygen gas are separated, because of 1ts lower pawer
consumption, greater separation factor and general simplicity.

BURNING OF CELL OFF-GAS

To complete the separation process and obtain the dilute overhead
material from the cells in a form in which 1t can be stored for
reworking, it 1s necessary to recombine the hydrogen and oxygen gas
mixture. The recomblnation is done by burning the gas mixture in a
water-Jjacketed chamber. The water formed 1s condensed and segregated
in cut tanks according to its deuferium content.

DEUTERIUM-HYDROGEN EQUILIBRIUM

Deuterium and hydrogen exlst in water as the compounds HDO and D»O.

A similar distribution of D is found in hydrogen gas, the molecules
being Dz, HD, and Hp. These molecules do not react at ordinary
temperatures in the absence of a catalyst. For further discusslon of
this subject see Appendlx A.

PROCESS DESCRIPTION

The E process was designed with ample capacity to protess the heavy
water extracted and concentrated through the intermedlate range by the
G8 and DW processes. The capacity of the E process, at a 99.75% D20
product concentration, varies with the concentration of the feed.
During normal operation the cells are run at full capacity and the D20
concentrations between the DW and E processes adjust themselves to
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balance the net heavy water throughput of the integrated plant complex
comprising GS, DW, and E. This net production is fixed by the GS
process, which performs the initial extraction of D,0 from the natural
water feed. At maximum production of the GS plant, equlvalent to

2800 pounds per day of 99.75% D 0, the concentration entering the

E plant is about 90% D,0.

As shown in the flow dlagram, Figure 29, the feed to the E process
from the DW process 1s first oxildized with potassium permanganate to
remove organic impurities and then distilled to remove dissoclved
solids. Potassium carbonate 1s then added to thls purified material
as an electrolyte. As the solution 1s electrolyzed, deuterium
concentratea in the cell residue, and the lighter isotope, hydrogen,
is concentrated in the gases evolved from the cella. These gases are
burned to water which 1s condensed, segregated, and reworked according
to the per cent deuterium contained. The final product heavy water is
cell residue which has been distilled to remove the electrolyte and
any remaining impurlitles.

PREPARATION OF FEED FOR ELECTROLYSIS

Feed from DW contains small concentrations of dissolved and suspended
solids and traces of organic materials that must be removed before
electrolysis. Feed 1s transferred from the DW area product tank to
the receiving welgh tank in the E building. It is then pumped from
the weigh tank either to the crude storage tank or directly to a
steam- Jacketed Dopp kettle where 1t 1s treated with an excess of
potassium permanganate to oxidize organic contaminants, and then
distilled to a recelving tank through a fractionating column and
condenser. Approximately 3.5% KMnO, by welght is required to oxidize
the organlics and other impurities in the crude feed, and to ensure

an excess of KMnO, at the end of the treating cycle. Solid potassium
permanganate is added to the Dopp kettle in 125-pound lots as
required.

During the oxidatlon step the kettle 18 operated on a total reflux at

a bollup rate of 0.1 to 0.4 gpm for a period of 90 minutes or
gufficient time to oxidize all impurities. The boilup rate, lndicated
on a rotameter, is controlled by varying the steam to the kettle
Jacket. Completion of the reaction is determined by laboratory
analysis of the permanganate demand of the distillate which must be
below 1 x 10°° mg/ml of distillate or an additional 125-pound lot of
potassium permanganate 1s added to the kettle. The treated product 1s
then distilled over to a storage tank at a rate of 0.1 to O.4 gpm.

When a total of 500 pounds of potasaium permanganate has been expended
in the Dopp kettle, natural water 1s added continuously to the kettle
and evaporated until the distillate is below 0.03% Dy0 concentration.
The remalning liquor and sclids are then drained from the kettle and
discarded.
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Purified feed material is pumped from the storage tank to the electro-
lyte mix tank where potassium carbonate (KECOS) is added, with
agitation, to make a cell feed solution containing 6 to 8% electrolyte.

ELECTROLYSIS

The cell feed solution 1s run by gravity from the mix tank through a
header into the bottom of the electrolytiec cells. After f1lling, the
1iquid levels in the cells are allowed to equallze, following which
all cell feed and drain lines are drained to break the electrical
connection between the cells and ground. Separate lines are used to
£111 the cells and to drain the residue from the cells after electro-
lysis to prevent diluticn of the 99.80% D0 cell residue. The cell
charge is limited to 14.5 gallons so that there 18 sufficlent free-
board in the top of the cell to prevent excesslve carry-over. When
starting a run, the DC cell current 1s first set at 600 amperes and
then increased to 1000 amperes as soon as the hydrogen-oxygen flames
have been established at the burmers (recombiners). Cooling water

1s supplied to the cell jackets at a rate of 2 to 3 gpm, entering at
15°C and discharging at 16-20°C. Cell cooling 1s important since the
effective separation factor varies inversely with temperature.

At the plant capacity finally reached, the feed from the DW process

has averaged 90%. At this throughput the E process has been operated
in two ways: (1) wlth 125 cells on final rundown and 25 cells used

to reconcentrate weaker cuts from the final rundown cells; and (2)

with 150 cells on final rundown and all material below the concentration
of feed from DW proceas returned to DW. Elther method is satisfactory,
the second being simpler to manipulate.

Voltage drops in excess of 3.5 volts per cell will cause overheating
of the cell contents. The voltage drop across each cell may be read
at any time during electrolysis on a check panel mounted in the cell
room, and those showing excessive drop can be electrlcally bypassed
until the diffilculty has been corrected.

Although the entire direct current system in the cell room 1is isolated
from ground, the possibility of an accidental grounding at one end or
the other always exlists so that the piping and steel equipment muat be
considered "hot busses" and treated with extreme care due to the high
voltages involved. An electrical ground detector 1s provided to
indicate any current leaks to ground and gives audible and visual
warning of the conditlon.

RECOVERY OF ELECTROLYTIC CELL OFF-GAS

The gases evolved during electrolysis (deuterium, hydrogen, and oxygen)
are recovered by burning and condensing. The gases leave the cells
saturated with water vapor and containing entrained liquid. Some of
the entrainment is removed in the vapor-liquld separators located at
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the end of each cell row off-gas header. The gases next pass through
an ammonia-cooled heat exchanger which condenses and drains off most
of the remaining moisture. The gas leaving the ammonia cooler, at
about 7°C, is fed to the burner-condensers.

To maintaln a stable flame at the burner, the gas velocity through the
burner nozzles must be in excess of the propagation rate of a hydrogen-
oxygen flame, which 1s about 21 feet per second. In each burner the
gas 1s passed through a multiport orifice containing 6 holes, each
3/32 inch in diameter. The cell pressure must be between 3 and 4 paig
for stable burning with this orifice configuration. Sight glasses,
located in the burner heads, allow the operator to observe flame
characteristies during burning. A small amount of excess oxygen is
added during burner startup, but as burning becomes stable, the flow
of excess oxygen 1s reduced to a rate Just sufficient to ensure
complete oxlidation of the hydrogen lsotopes.

The gases are ignited in the burner by two hot wire electrical
resistance igniters located adjacent to the orifices. Both igniters
are kept on at all times during cell operation to ensure continuity

of combustion. Fluctuations in the velocity of the gas through the
orifices can cause the burner fliame to propagate backward through the
orifice resulting in an explosion in the process gas lines and cells.
This phenomenon called "flashback,"” 1s purposely brought about under
controlled conditions to shut down the cell rows. Uncontrolled
flashbacks will usually blow liquid seals throughout the system and
necessitate re-establishing these seals before continulng the
operation. Veloeclty fluctuations at the burner nozzles are minimized
by the prior removal of entrained moisture 1n the separator and cooler
discussed above. Accurate machining of the burner nozzles to¢ ensure
uniform orifices free of burrs, and the use of oxygen to smooth out the
burner operation when fluctuating gas velocities are expected also ald
in eliminating unscheduled flashbacks. It should be noted that the
explosive recombination of hydrogen and oxygen results in relatlvely
high pressures inside the process eguipment. However this

pressure peak is so brief that there is no damage to sensitive equlp-
ment, e.g., glass connectors do not break, relief valves do not open,
ete. provided the initial system before the flashback 1s at less than
two atmospheres absoclute pressure,

The water formed in the burners is condensed and cooled in the lower
water-jacketed section of the burners and segregated in "cut" tanks
according to its D 0 content.

PRODUCT PURIFICATION

The cell residue contalning a minimum of 99.80% D 0 and electrolyte 1s
discharged by gravity to the final residue tank. From there it 1s
pumped to a hold tank from which it flows by gravity into the final
evaporator.
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The evaporator is operated with its fractionating column on total
reflux at 0.1 to 0.4 gallon per minute, with a small silde stream fed
through a conductivity cell. A purge of nitrogen gas 1s passed into
the kettle and out the condenser vent during thils perlod of operation
to carry volatile materials out of the system. When the conductlvity
of the distillate drops below 15 micromhos/cm, the product 1s dis-
tilled over to the storage tanks. When the conductivity of the product
can no longer be held wilthin specificationa near the end of the
distillation run, the condensate is diverted to a final product cut
tank for reworking. The finel product concentration in the storage
tanks 1s 0.03 to 0.05% lower than the cell residue due to 1sotopilc
dilution occuring in the celil draining ané final purification
operations. . -

The electrolyte remalning as residue in the final evaporator 1g re-
dissolved wlth burner condensate of approximately cell feed composition.
The solution 1s drained from the kettle and pumped through a filter to
an electrolyte hold tank for storage prior to reuse.

FINISHED PRODUCT HANDLING

The finished product i1s stored in tanks which are vented to the
atmosphere through tubes containing a desiccant. The product in each
tank is analyzed for adherence to all specifications, flltered, and
welghed into clean, dry helium-filled 55-gallon aluminum or stainless
steel druma. Samples from each drum are taken for analysis, and the
drums are sealed and transferred to the flnal product storage area
pending shipment.

PROCE3S LOSSES

A major point of concern in the operation of the process 1s the loss
of deuterium from the system. Process equipment, piping, and the
physical layout of the area are designed to keep these losses at an
absolute minimum.

All gases vented from tanks are passed through an ammonia cooler or
desiccant trap where molsture is collected and returned to the system.
All floor drainings are collected in a sump and retained until
analyzed. All piping involved in a "flashback" 1s pressure tested
for leaks prior to the resumption of electrolysls.

To keep losses through leaks and accidents at a minimum, all potential
sources of leaks are inspected routinely and frequently, and all valve
manipulations are riglidly scheduled.

INERT GAS BLANKETING

Originally the cell banks were blanketed with helium gas during f1lling
and draining; however, since 1956, nitrogen gas has been used for this
purpose. Analyses of burner condensate have shown no increase in the
concentration of oxides of nitrogen over that present during the -perlod
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that helium had been used. A continuous nitrogen gas purge of the final
product evaporator during the reflux and distillation operationa removes
traces of ammonia which is formed during electrolysis through the
reduction of nitrogen oxides present in the burner condensate.

EQUIPMENT DESCRIPTION

The equipment used in the E process comprises, except for the cells
and burners, simple standard pleces such as are found 1in any batch
chemical operation carried out on a small scale. The major equipment
pleces are llsted below.

FEED PURIFICATION AND FINAL PRODUCT STILLS

These stills are vertical, 450-gallon steam- jacketed kettles with
agltators, copen-tube fractionating columns and condensers. The Jacket
can be heated with steam or cooled with water. Rotameters are provided
to indicate rate of flow of distillate to the receiver and reflux to
the column.

ELECTROLYTIC CELLS

The electrolysis is done in 150 vertical eylindrical cells having
water-cooled inner and outer carbon steel cathodes and concentric
nickel anodes. See Figure 30 for their dimenslons and general arrange-
ment. Their charge capacity is about 140 1b per cell, and the normal
operating current is 1000 amperes. All cells are operated electrically
in series, but are banked in s8ix parallel rows of 25 cells. The rows
operate independently with regard to liquid and gas flows. The cells
are insulated from connecting piping with "Tygon" or glass connectors.

CELL OFF-GAS SEPARATORS

S8ix liquid-gas separators, one at the end of each cell gas header on
each row of cells, have been provided to collect any entralned electro~
lyte solution.

GAS COOLERS AND SEPARATORS

Ammonia-refrigerated, vertical, coll-in-~jacket coclers are used to
condense and remove water vapor from cell gases prior to burning.

BURNER-CONDENSERS

The burners are vertical, water-Jacketed cylindrical chambers in the
tops of which the cell gases are recombined by burning. The water
vapor formed is condensed on the jacket walls. Each burner 1s
provided with two multiport burner nozzles and two hot-wire igniters.
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The nozzles are used singly. Figure 31 shows the general configuration
of the burner. The burner chamber is stainless steel and the Jacket 1is
carbon steel.

SIGHT GLASS
BURMER JET

THERMOWELL CONN.
COOLING WATER OUT

ORIFICE
SIGHT GLASS

IGNITER

3" 5.5 PIPE

[~———§" 8% PIPE

COCLING WATER N

FIGURE 31 - E PROCESS BURNER-CONDENSER

PUMPS

All process pumps are vertical centrifugal pumps having a capaclty of
25 gpm at a 50 't discharge head. The pump casing and shaft are
extended so that the shaft seal 1s above the liquid level of the
supply tank from which the pump draws 1ts feed.

TANKS

All storage, feed, residue and hold tanks in the proceass are cylindrical
carbon steel tanks except those which contaln electrolyte-free burner
condensate (the cut tanks), and those containing distlilled final
product.

AUXILIARY EQUIPMENT

RECTIFIER AND SWITCHGEAR

Two rectifier units are used (one as a spare) to supply direct current
to the cells. The maln rectifier is a Westinghouse "Unit Substation"
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that 1s designed to supply 1000 amperes DC at a maximum of 525 volts.
The equipment includes 6 water-cooled "Ignitron" tubes with necessary
¢ircuit breakers, transformers, voltage controls, and heat removal
facllities.

The spare rectifier is capable of operating two cell rows. This 18
a General Electric unit having a capaclity of 1000 amperes at a
maximum of 160 volts. It i1s also an Ignitron rectifier essentlally
similar to the large Westinghouse unit.

AMMONIA REFRIGERATION EQUIPMENT

One-ton and four-ton ammonia compression refrigeration units, with
condensers and recelvers, are provided to ccol cell gases prior to
burning, and to refrigerate tank vent gases to prevent material losses.

PROCESS CONTROL

STANDARD E PROCESS CONDITIONS

A listing of the standard E process conditlions is given below in
Table XXIII, including product and raw material quality specifications.

TABLE XXTII

Standard E Process Condltions

Final Product Specificatlions

D0 content (mol %) _ 99.75%

Conductivity 15 micromhos/cm max.
Permanganate demand 1 x 10™° mg/ml D0 max.
Color APHA Standard No. 5 max.
Turbldity Clear

Raw Materlal Specifications

Potassium carbonate {(anhydrous)
‘HoC04 content 39+

Potassium permanganate
KMnO, content 99 +4

Oxygen (water pumped)
Oxygen content 99+%

Nitrogen (water pumped)
Nitrogen content 99+%
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Process Control Conditlons

Cell Operation

Voltage drop across cell
G. E. rectifier system
Amperage
Voltage
Westinghouse rectifler system
Amperage
Voltage
Cooling water rate
Cell cooling water exlit temperature
Current density

Electrolyte concentration in
cell charge

Process (Gas Recovery System
Temperature of gases from cells

Temperature of process gas from
ammonia coolers

Gas pressure at burners

Temperature of cooling water
from burners

Temperature of liquid ammonia
to coolers

Process gas pressure at cell header
Internal burner pressure
Final Evaporator Operation
Boilup rate at total reflux
Rate of drawoff to heads tank
Rate of finished product drawoff

Cooling water temperature to
condenser and after-cocler

Product temperature from final
condenser

Product temperature from after-cooler
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3.5 volts max.

1,000 amp max.
160 volta max.

1,000 amp max.

575 volts max.

2 - 3 gpm min.

16 - 20°C

0.42 - 0.84 amp/in?

6 - 8 wt %
20 - 25°C
7 - 10°C

3 - 4 psig
50°C max.
7°C min.

3 - 4 psig

0 - 3.0 in. HZ0

0.10 - 0.40 gpm
0.10 - 0.40 gpm
0.10 - 0.40 gpm

15 - 20°C

95°C max.

20 - 25°C



Permanganate Treating

Permanganate demand after treatment None {excess MnQ, -
treatment in kettle)
Temperature of distillate from '
condenser 50°C max.
Boilup rate at total reflux 0.10 - 0.40 gpm
Rate of distillate drawoff 0.10 - 0.50 gpm
Time at total reflux 60 - 90 minutes

Condenser cooling water
inlet temperature 15 - 20°C

SCHEDULING AND CONTROL OF CELL OPERATION

Because of the flexibility of the E process and the range of cell feed
concentrations that are encountered, a rigid operating program cannot
be set up far in advance. Certain guiding principles can, however, be
stated, and typlical examples of the calculations necessary will 11lus-
trate the application of these principles and suggest varlations that
may prove desirable. These princlples include:

1. The percentage of a cell charge that must be electrolyzed
to obtain a desired concentration of residue depends on the concentra-
tion of the charge and on the actual separation factor achieved in the
plant cells. From operating experience this factor 1s hetween 8.0 and
10.0, but may be expected to vary somewhat. Actual values of the
separation factor were calculated from plant operating data (See
Appendix F).

2. All runs should be calculated to leave more than 3.5
gallons in each cell at completion of a run. If less than this quantity
vemains, flashbacks may damage the nickel anode.

%. The inventory of heavy water in the plant 1is determined
largely by the schedule set up for handling the "cuts" of burner
condensate from the cells. Inventory in process will be low if a
large number of cuts of graded concentration are taken and 1f these
are charged to the cells whenever the cell concentration matches that
of a cut tank. This procedure, however, calls for many interruptions
to electrolysis with attendant troubles wilth flashbacks, burner adjust-
ments and the like.

Difficulties in manipulation are minimized if cuts are few in number
and 1f they are accumulated until there is enough of a given cut to
make a full charge to an operable bank of cells. This procedure, how-
ever, increases the holdup of D,0 in process.
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In practice, cuts are scheduled according to condlitions desired in the
plant. The condensate formed during the last 24 hours of electrolysis
of each final product run is accumulated for dissolving the potassium
carbonate left In the final evaporator after distilling. A condensate
cut of concentratlion equal to that of normal feed is combined with in-
coming feed material from the DW plant. When operating five cell rows
with DW process feed, enough of the lower concentration burner
condensate cuts are saved to operate one row. All remailning material
is8 returned to DW.

If desired all cells may be operated on final product, in which case
all materlal below the concentration of the feed from the DW process
is recycled to DW.

If the separation factor and the D;0 content of the burner condensate
are known, the Dz0 content of the cell residue can be calculated

(See Appendix F). If the desired product concentration is 99.75%

Dy0, and the separation factor 1s 8, then the electrolysis must be
continued until the overhead concentration 1s at least 98.0%. 1In
practice, the overhead concentration 1s carried to 99.0% to allow

for dilution of the cell residue in the subsequent operations involving
transfer, distillation, storage, and packaging. This dilution may
occur whenever the concentrated material 1s exposed to air or other

gas contalning the vapor of natural water. . -

PERSONNEL SAFETY

The principal hazards of the E process are those attendant to the use
of direct current at up to 600 volts through uninsulated conductors,
and the handling and burning of exploaive mixtures of hydrogen with
oxygen. There are also chemical burn hazards involved with the
handling of potassium carbonate and potassium permanganate.

Any perscnnel entering the cell room when the cells are in operation
are requlred to wear electrically tested rubber gloves, rubber over-
shoes, and goggles. The process lines and cells in the cell room are
regarded as electrically "hot", although the entire DC elrcult 1s
isolated from ground. As an additional safeguard, egquipment

is provided to give audlble and visual warning of electrical
grounds.

The cells, burners and lnterconnecting piping have been designed to
withstand exploslon of the Hp-0, mlixtures within them. The sight
glasses 1n the cell gas lines and the glass bubble bottles at the
burners are provided with transparent plastic shields to step flying
fragments i1f they are shattered by the force of a "flashback."

Rubber gloves, coveralls, and rubber goggles are worn when working

with potassium carbonate and permanganate, and deluge showers are
located in the work areas where these chemicals are handled.
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ANALYTICAL CONTROL

The E process 1s a series of batch operations, each controlled on the
basis of analysis of the procesa material at the beginning and end of

each batch.

Between operations the process liquid is stored in tanks.

The analysis of the material in these tanks must be known for process
planning, and perlodically all materlal in process must be analyzed
for inventory control. An average of 6 control samples must be
analyzed per day and about 30 samples for monthly inventory {for the
analytical methods used see Appendix D). The control analyses
required are as follows:

(1)

(2)

Each incoming batch of feed from the DW process 1s
analyzed for D,0 content.

The treated feed and electrolyte mix are analyzed for
D0 content and for electrolyte concentration before
charging to the cells.

The burner condensate 1s analyzed for Dp0 content
periodically during the cell run. Thils analysis
indicates the Dy0 content of the cell resldue, and
determines the end point of the electrolysis operatlon.

The contents ¢f each drum are analyzed for ali
specifications prior to sealing and storing.
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APPENDIX A
EQUILIBRIUM CONCENTRATIONS OF H20 , HDO , AND D0 IN WATER

The concentration of heavy water as used in the text of this manual
means the molar ratio D/(D + H) x 100. This is the same numerically
as D20/(D20 + H20) x 100 and is half the value HD/(HD + Hz) x 100,
or HDO/(HDO + H20) x 100.

In the feed water, which contains only one atom of D per 7000 atoms -
of H, the D 1s present as HDO. At high concentrations of heavy water,
the predominate species is D20 with H present as HDQ. The three
molecular specles are related by the equation,

Hz0 + D20 = 2 HDO (A-1)
The equilibrium constant for this reaction is

K = [HDO }Z (a-2)
. [H20][D20]

This constant, and therefore the relative proportions of the three
molecules, varies somewhat with temperature (K = 3.26 at 25°¢ and
3.40 at IOOOC). The concentrations of each of the species for any
glven over-all concentration of deuterium [D] can be calculated

readily from equation (A-2) with the aid of two further relations,

[D20] + [HDO] + [H20] = 1.0 (A-3)
[D] = [D20] +-L-Hg—°]— _ (A-4)

The concentrations of the three molecules that are actually present
in heavy water of various concentrations are given in Figure A-1.
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APPENDIX B
SAMPLE CALCULATION - DANA - FIRST STAGE

DESIGN BASIS

Cold tower temperature 30°C (B6°F)
Hot tower temperature 120°%c (248°F)
Cold tower pressure

bottom 254 psia

top 245

average 250

Hot tower pressure

bottom 272 psia
top 263
average 268

ALLOWABLE GAS RATE - HOT TOWER

Vapor pressure of Hz0O at 248°F - 28.8 psia
Specific volume of saturated Hz0 vapor at 248°F - 14.282 rt3/1b
Ideal specifie volume at 248°F and 28.8 psia

359 , 4.7 708 _
18.0 7 28.8 7 4g2

Compressibility of Hz0 vapor

14.63 ££3/1b

Z 14.282
HeO = gz = 9-9760

Compressibility of HzS (see Figure B-3, page 139)

Pressure ZHES
220°F 280°F
220 0.9480 0.9612
300 0.9210 0.9415

Partial pressure of HaS at top of hot tower
263 - 28.8 = 234,2 psia
By interpolation, at 234.2 psia and 248°F,

ZHp8 = 0.9461
Mol ratio humidity (see Figure B-1, page 138)

_28.8 x 0.9461
th ~ 234.2 7 0.9760

H = 0.1192
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Molar densitles

1.0 x 265
0.0%61 x 10.72 x, 708

0.03662 mols HaS/ft>

1.0 x 263
0.9760 x 10.72 x 708

o

= 0.03550 mols Hz0Q/ft

(10.72 = Gas law constant)
Partlal density - Hz=S

1

T.1192 * 0.03662 x 3%.08 = 1.115 1b/rt?

Partial density - Hz0

0.1192 _ .
I.110z X 0-0355 x 18.02 = 0.068 1b/ft
Dengity of mixture '1.183 1b/rt2

Allowable vapcr velocity

Tray spaclng - 18 in.
Idiguid seal - 1-1/2 in.
K - 0.13 in.

v
Vapor veleceity = 0.907 ft/sec

F factor
F=v Jb
= 0.907 dl.lgj
= 0.988

Allowable total first stage hot tower gas rate

Tower area

Four 12 ft ID towers - 452 rt?

Vapor rate
0.907 x 452 = 410 ft°/sec
Molar volume of components

1

— 3
0.03662 - 21-3 1v /1b mol

Hz2S =
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-t
T 0.0355

Mol volume of mixture

Ha0 = 28,2 ft3/1b mol

27.} X 1.0 + 0.1192 x 28.2 = 27.4 £t3/1b mol

1.1192
Total molar gas flow - hot towers
410 x 3600
270 = 53,870 mols/hr

HgS - 48,130
H20 - 5:7”’0

Total 53,870

CALCULATION OF 8
' (14H) (s+Kx)

B = 4T195) (1+Hxx)_
K, = 1.010 233/T
a = 1.1596 e'65'“3/T
Cold Tower Conditions
Average pressure - 249,5 psaia
Temperature ' 30°¢ (186°F)
303°K
Kx = 1.010 e233/303
= 2.1792
@ = 1.1596 o ~65-43/303
= 0.G343
H = 0.00215 {by methods directly parallel to

those for calculation of ch)

Solubllity of H2S in H20 - Sc
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Solubility at 30°C and 248.9 psia partial pressure
1.4%0 mols/liter (Figure B-2, page 139)

1.4%0 x 34,08 = 47.71 gm HzS/liter

]

1000 - 47.71 = 952.29 gm Hz0/1liter
2%%¢§%-= 52.85 mols H20/1llter
1.4 '
Sc = gafgg = 0.0265 mols Hz5/mol Hz0
L (1 + 0.00215) (0.0265 + 2.1792)
Pe = (0.9343) (1 + 0.0265) (1 + 0.00215 x 2.1792)
B = 2.2041

(o] ]

mo 1l 0.4359

C = == =

™

c

By parallel methods of calculation

For the hot tower

Temperature - 120°C (248°F)
393°K

Pressure (avg.) - 267.5 psia

Hh = 0.1168

8, = 0.00763

Bh = 1.7074

1
m, = E;-= 0.5857

OQPTIMUM LIQUID AND GAS FLOWS

Equations
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S, = 0.0265 I 1 5. 0.97418 T +°S = 0.02582
1 ‘ Sy

5, = 0.00763 TV, = 0.99243 ThE C 0.00757
1 | Hc

H, = 0.00215 ) =-o.99785 ToE " 0.00215
1 o 1y

H = 0.1168 T - 0.89542 Ty 0.10459

h h
Let L = 1.000

|

Assume Eg = 0.4809
: ¢

(This value, used for illustration, represents the final
trial in a solution by successive approximations)

g . 1:000
¢ 0.4809

= 2.0794% -

Using equation (27)

0.4809 _ 0.5857
0.4359 Lh/Gh

Eﬁ _ 0.5857 x 0.4359
G, B 0.4809

Hn

It

&5%9Gh

Using equation (12)
1.000 x 0.02582 + O.89542Gh = 0.5309 x 0.00?STGh + 2.0794 x 0.099785

6 = 2.04g911

h ~ 0.89140
= 2,2988

L, = 0.5309 x 2,2988
= 1.2204
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Check in eguation (13)
(Lp is negligible in lst stage)

1.000 x 0.97418 + 2.2988 x 0.10459 =
1.2204 x 0.99243 + 2.0794% x 0.00215

e

1.21461 = 1.2156

(Checks within 1 part in 1000, sufficlently close for
these calculations)

Total first stage flows from above relative flows and allowable Gh

1.000
Lc = 53,870 x §T§§§§ = 23,400 mols/hr
Gc = 23,300 x 2.0794 = 48,700
L = 23,800 x 1.2204 = 28,600
Gh = 53,870

(These are very close to the design figures
vefore application of the 10% for safety

factor.)

L
Feed - L = — S
—_— o] 1+ Sc

23,400 x 0.97418 = 22,800 mols/hr

Gas to Blowers

G G +L -1L
o c 0 c

]

48,700 + 22,800 - 23,400
= 48,100 mols/hr

GAS AND LIQUID COMPOSITIONS AT TOP QOF COLD AND BOTTOM OF HOT TOWERS

Top of Cold Tower
Equation (29)
T
Ve 0.988_
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X, 1s less than x
te

22,800 mols feed.

f

22,800 x 0.000147 + 600 y, _
Xee T 2%, 500 -

X
_ te
¢ 0.98 x 2.294

Ve = 0.5448 X o

22,800 x 0.000147 + 600 x 0.4448 X, .

*te T 23, 100
23,400 Xpo = 267 Reo = 3.3516
_ 3.3516 _
Xeo = 25133 ° 0.000145
Vio = 0.4448 x 0.000145
= 0.0000644

Bottom of Hot Tower

. Bquatlon (35)

X
bh
B, Yon = % Ygo + G (I{ )'* Gy *on .
xh
Equation (30)
; ) 0.98 xbh 
bh Bh
. 0.98 Xh
= 1.707%
= 00,5740 th
Gh = 53,870
¢ = 48,100

[o]
i

s htl + Sh
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= 28,600 x 0.00757

= 216.5

Gw = Gh - Go - Gs
= 53,870 - 48,100 - 216
= 5554

xh
X
53,870 x 0.5740 Koy = 48,100 x 0.0000644 + 216 (%Té%%é) + 5554 Xpon

30921 Xon " 118 Xoh 5554 Xon = 3.09764

_ 3.09764
bh ~ 25249
0.0001226
0.5740 x 0.0001226

I

Ybh

0.0000704

NUMBER OF THEORETICAL PLATES - COLD TOWER

Equation (36)

¢ o log [(1-P)M + P]
P . log 1/P

Equation (37)

Equation (39)

- b 4
ybc mc te

€ Ve T M *ge

The requirement 1s that x be about four times the feed composition.

be

Let X then = 0.00060

be’

Yoe ™ Yte

¢ Fpe " Fie
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Since Rc = slope of operating line

0.4809(0.00060 - 0.000145)

Yoo - 0.0000644

ybc

0.00028%2 - 0.4359 x 0.000145
c 0.000064% — 0.4759 x 0.000145

0.0002198
0.000001194

0.0002832

- 184

0.4259
¢ 0.53809

_log [(1 - 0.9064) 18% + 0.9064]
p log ———ior
& 5.506h

log 18.124
log 1.10%32

= 29.5 theoretlical plates

= 0.9064

RECOVERY

X - 1ntercepts of operating lines

X = X, ——XEE—
e, T Tte T 0.4809
x =y . _ph _
ho ~ “bh 0.5309
_ 0.0000644
xco = (0,000145 - 0.4809
= 0.000011
0.0000704
X = 0.0001226 - ————
ho 6 0.5309
= -0.000010

Equation (25)

Recovery

n

XL =Lx - X
PP c c0 Lh ho

23,400 x 0.000011 - 28,600 (-0.000010)

n
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CALCULATION AIDS

= 0,257 + 0.286
= 0,543 mols/hr

The following figures present in convenlent form several of the
intermediate gquantitiles calculated from the fundamental physilcal

data.

TEMPERATURE °C

30 40 80 &0 70 680 90 100 10 120 130

0.0
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FIGURE B-1 - HUMIDITY OF H.0(vV} IN H,5(G)
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APPENDIX C

GLOSSARY OF TERMS USED IN GS PROCESS CALCULATIONS

A

gain in concentration of D20 {value of x) over n theoretical
plates in GS tower, expressed as mol fractlon

gain in concentration of D20 (value of x) across first theoretical
plate of GS tower (by first plate is meant the firsat step on
McCabe-Thiele diagram, l.e., top of cold or bottom of hot tower),
expressed as mol fractlon

(subscript) - indicates condition at bottom of tower

(subseript) - indicates condition in cold tower

correlation factor for allowable gas velocity through tower

F =vap
upper limit of value of F for good design, and the value used in
determining allowable throughput and therefore capaclty of GS
unit 1s 1,0 ‘
{subscript) - denotes feed condition
total flow, gas phase, mols per hour. - includes HzS gas plus
assoclated water vapor {unless otherwise noted) without regard
for 1lsotoplc composlition
G gas flow to first stage blower, Hz0 free
G average gas flow in cold tower
G average gas flow in hot tower
G gas stripped from waste (does not include water vapor)
G water vapor added to gas stream in humidifier, from stripper,
and as direct steam to bottom of hot tower (does not include

Hz3)

humidity, expressed as mol ratio of water vapor to dry gas, without
regard to isotopic content, calculated as follows:

(szS)
(ZHao)

(pago)

e (Py,g)
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Hao- vapor pressure of water at temperature chosen
pHaS partlal pressure of HaS, equal to total pressure
of less pHaO ’ '
Z compressibility of HéS(1°) at p and temperature
HaS HaS
chosen )

ZH 0 compressibility of Hez0 vapor, calculated by dividing
2 specific veolume of saturated vapor at temperature
chosen by the ideal gas law specific volume

calculated at temperature chosen and szO
H average humldity in cold tower

H average humidity in hot tower

h (subscript) - indicates condition in hot tower

K equilibrium constant for the liguid phase reaction:

HDS + H20 - HDO + H=8

K = [HDO]y [HeS1g
x ~ [HDS]p [H20]y

Where the formula in brackets with subscript £ denotes molar
concentration in lilguld phase expressed as mols per liter.

(s)

K, = 1.010 e=233/T
Kxc constant at cold tower vemperature
Kxh constant at hot tower temperature

L total flow, liguld phase, mols per hour - lnecludes water plus
dissolved Hz3 (unless otherwise noted) without regard for
isotoplc content

L feed to first stage, HaS free

L  average llquild flow in cold tower

Lh average llquid flow in hot tower

L product withdrawal rate, HzS free
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enrichment ratio used in Colburn method for calculating Ny, the
number of theoretical plates in a tower (See eguation (36% (39),
and (40), pages 51 and 52)

Mc enrichment ratio in cold tower
M enrichment ratio in hot tower

slope of equilibrium line, in dilute reglon (up to 1.0 mo}
per cent) m = 1/B

m, slope of cold tower line

mh alope of hot tower line

(subscript) - denotes condition ‘at mid-point (middle theorntical
plate) of column

number of theoretical plates required for a given'separation,
used in Colburn method, sec equation (36), page 51

plate number
ratio of slopes of operating and equilibrium lines as used in

Colburn method for determining Np, P.1s always less than 1.0.
m

P = in cold tower
¢ R )
c .
R E
P = h in hot tower
h mh '

{subscript)} - refers to product
reciprocal of P - always greater than 1.0

slope of operating line of McCabe-Thiele dlagram, the ratio L/G

Lc in cold tower
R = —

¢ G
¢

T
h

distance between x-intercepts of cold and hot tower operating
lines on McCabe-Thilele plot .

R =

" in hot tower
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S solubility, expressed as mol ratio of HzS to water in liquid
phase without regard to isotople content
S 1s calculated from solubility data in Figure 17'1%’,
-page 52. The calculation of mol ratioc 1s made assuming
that.the .density of the solutlion is 1000 gm per liter.

Sc average solubllity in cold tower

Sh ‘average solubility Iin-hot tower

T temperature, absolute, degrees K

t (subscript) - denotes coﬁaifion at top of column-

v  average vapor velocity in tower, ft/sec actual copditlions

X molar concentration of deuterium, over-all 1in liguild phase,
includes deuterium in form of HDO and D20 as well as dissolved

HDS and D2S. Generally used wlth subscripts, e.g.,

X concentration in liguid at bottom of
be : .
cold tower :

X concentration in liguid on an indefinite-
plate in cold tower

xc x-intercept of cold tower operating line
o

X concentration in feed water

xh x-lntercept of hot tower operating line
0

xp concentration in product

xw concentration in waste

For others, see meanings of subscripts in this Glossary.

Y molar concentration of deuterium, over-all, in gas phase.
Analogous to x and includes deuterium in all molecular forms.
Usually appears with subscrilpts, e.g.,

concentration in gas phase at bottom .

y
bh of hot tower
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ys concentration in HaS from stripper

compressibility of gas or vapor, ratio of actual to ideal -specifie
volume. See definition of H.

relative volatility of HDO with respect to H=0, also assumed to
.equal relative volatility of HDS with reapect to Ha3

_ .u (s)

1.1596 e 65.43/T

over-all distribution coefficlent for deuterium in the aystem

8 _x (1-y)

Ty (1-x)

At concentrations below 1.0 mol %
B %—within the 1imits of precision of the data

For calculation of B from Kx see équation (8), page 23
gas density, lb/ft>

intersection of operating and equillbrium lines

- 144 .~



APPENDIX D S
WATER TREATMENT PROCESSES

Water, as it occurs in nature, contains impurities elther in solution
or as suspended solids. The nature and extent of these impurities -
depend upon the source of water (railn, surface, or ground) and the
location of the supply. The moat common impurities are calclum and
magnesium salts (hardness), dissolved gases, sllica, iron, manganese,
and organic matter. The water required for the GS.process must be
neither scale forming, nor corrcsive, nor cause a bulldup of inert. .
gas wlthin the units; l.e., a water of low hardness, with a .neutral

or slightly alkaline pH, containing a. minimum of . dissolved gases and.
suspended solilds: : . s S

WATER QUALITY

At. the Savannah River Plant the source of water- for the GS process is
the Savannah River, which 1s composed primarily of the surface runoff
from a large area of sand and clay soils. This water 1s very soft
containing only 6 to 10 ppm of hardness (expressed as calcium
carbonate). It does .contaln, however, some dissolved sllica and,
iron, considerable suspended particulate matter (primarily silica

and clay: suspensions), and an appreciable alkaline carbonate
concentration.

The water at the Dana Plant is supplied from Ranney wells located on

the bank of the Wabash River. The water obtained from these wells

has been naturally filtered, resulting in a very low suspended matter
content. It does contaln however, a very high calcium and magnesium
hardness (300 to 350 ppm as calcium carbonate), and small concentrations
of dissolved sillca and iron. _The hardness 1s present as dissolved
salts which, in the relative order of their abundance are: . bicarbonates,
sulfates, :and chlorides. ‘

SUSPENDED SOLIDS

At the Savannah River Plant the suspended sollds, which average about

35 ppm in the river water and are at times as high as 125 ppm, are '
removed by lime-alum coagulation and precilpitation followed by
fiitration. This treatment reduces the suspended matter concentratlon
to less than ‘1 ppm durilng periods cof. stable operation. _It. has been
found that any increase in turbldity of the GS3 process feedwater

caused by precipitator upset or by abnormally high river water
turbildity will promote foaming and carry-over in the [irst-stage

cold towers, which in turn necessltates a reduction in.column throughput
until control can be re-established.
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At the Dana Plant the water 1s naturally filtered through & 20 to 50-foot
bed of sand before entering the laterals of the Ranney wells. This
filtering is quite sufficient to maintain the turbidity below 1 ppm.

The feed to the GS units 1s effectively flltered a second time in
passing through lon exchange beds.

CALCIUM AND MAGNESIUM HARDNESS

The hardness level of the Savannah Rlver Plant water is so low that

no facilities are required for hardness removal; however at the Dana
Plant a 10,000,000-gallon per day, completely automatilc water-softening
facility was constructed to treat all of the GS process feed water.

This plant employs an ion exchange softening system in which the calcium
and magnesium cations are exchanged for hydrogen and sodium 1lons.
Approximately three guarters of the water passes through the hydrogen
exchange units forming a mixed solution of carbon dioxide, sulfurie,

and hydrochloric acids. The remaining one quarter passes through the
sodium exchange unit forming the respective sodlum salts of these acids.
The two streams are then blended in a proportion which results 1n pH

of 4.3 whereby all bicarbonates present are converted to carbon dioxlde.
The effluent from this facllity contains less than 5 ppm hardr.ess
expressed as calelum carbonate.

. The process cooling water at Dana Plant 1s not softened, and the high
hardness of this cooling water requires that an upper limit of 60°C

be maintained on all effluent cooling water streams to prevent
precipitation of. calcium carbonate. In addition to this temperature
1imit, 5 ppm of sodium hexametaphosphate are added to all water pumped
from the Ranney wells to act as a stabllizing agent for the dissolved
calcium and 1lren.,

DISSOLVED GASES

Were it not removed, the alkaline carbonate content of both the Dana

and Savannah River Plant water would lead to a rapid buildup of inert
carbon dioxide gas within the GS units, thereby reducing their production
in direct proportion to the COz concentration. At both' plants the
carbonates and bicarbonates are converted to carbon dioxide and removed
by adjustment of the water pH to 4.3 followed by vacuum deaeratlon at

a pressure of 30 mm Hg. This treatment reduces the concentration of
dissolved carbon dioxide in the G3 process feedwater to between

5 and 10 ppm.

Vacuum deaeration also reduces the dissolved oxygen content of the feed
from 7 to 10 ppm to less than 0.1 ppm. This dissolved oxygen, 1f allowed
to enter the process, would react with hydrogen sulfide to form elemental
sulfur resulting in fouling bubble cap slots, orifices, and heat

exchange surfaces in the cold parts of the system.
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DISSOLVED IRON AND SILICA

¥

The- small concentrations of dissolved iron in the Dana and Savannah
River Plant water are not troublesome in themselves; ‘however, in
combination with iron bacteria {(Crenothrix), they have caused iron
oxide fouling of the water side of the secondary gas condensers.
This problem became sufficiently severe at the Dana Plant to warrant
chlorination of the cooling water to the GS units.: A continupns
chlorine residual of 0:2 ppm 1s maintained 1n this water to control
the growth of this-bacteria. Chlorination has been an effectlve
control but has not completely eliminated this problem; and it is
necessary to periodically flush these exchangers. "
The dissolved silica content of the GS process water has not created
any problem; however, it remains a potential trouble source in the
humidifier section of the hot towers, since insufficlent blowdown from
this section can ralse the silica concentration to the point where it
would begin precipiltating on the bubble cap slots and trays. For a
more complete discussion of sollds deposition prcoblems arising from
the water chemistry of the two plants, see Appendix E - Corollary
Process Problems. .

WATER TREATMENT PROCESS DESCRIPTIONS

Schematlc representations of the.water treatment flowsheets of the
Dana and Savannah River Plants are shown in Figures D-1 and D-2.
Tables D-I and D-II show the average water analyses.at each stage of
their respective treatment .processes. ' A
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_ TABLE D-I

Water Quality - Dana Treatment Process

Blended Water .

Raw Watgr; 28% Na - 72% H' Deaerated Water

ppm _ ppm ° ) ‘ 'ppm

as - as as

Constiltuent CaC0s ppm CaCla ppm CaCls .. ppm

Caleium ion 216 86.4 0.8 0.4 0.8 - 0.
Magnesium ion 104 25.3 . 0.4 0.1 0.4 0.1
Sodium ion 10 k.6 93 ' 42.8 g3 42,8
Bicarbonate ion 237 289 o] o - 0 S I
Chloride ion 10 7 10 7 10 7
Sulfate 1ou 60 57.6 60 57.6 60 57.6
Free mineral Y o
acidity 0- - 0 - 0 L
Total hardness 320 - 2.0 - 2.0 -
Alkalinity 237 - 0 - ' 0 -
Free COz - 19 - 228 - 10
S105 . - .13 - 13 - 13
Oz - S - -9 - " 0.1
pH 7.4 4.3 7.0
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TABLE D-II

Water Quality - Savannah Rilver Treatment Proceas

Constituent

Calcium 1on
Magnesium ion
Sodium ion
Bicarbonate 1ion
Chloride ion
Sulfate ion

Free mlneral
acidity

Tetal hardness
Alkalinity
Free COgz

5102

Oz

pH

Turbidity

Iron

Phoaphate

* After pH adjustment for deaeration

*¥* After neutralizatlon of free mineral acidity

- 150 -

Raw Water Clearwell Effluent* Deaerated Watep*#*
ppm ppm ppm
as ) as as
CaCOs  ppm CaC0s  ppm €ac0s  ppm
5.8 2.3 9.7 3.9 9.7 3.9
4.4 4.4 1.0 4.4 1.0
20.0 4, 20.0 4.6 30.0 7.0
40 24 o} 0 .0 o}
2.5 0.9 8.5 3.0 8.5 3.0
2.3 2,2 31 30 31 30
0 - ) - 0 0
10,2 0 4.1 - 14,1 -
38.5 - 0 0 o} 0
17.0 7.5 57 25 4.5 2
- 10 - 10 - 10
- 9 - S - 9
6.9 4.3 7.0
- 35 - 1.0 - 1.0
- 0.5 - 0.5 - 0.5
- 0.9 - 0.9 - 0.9



APPENDIX E
COROLLARY PROCESS PROBLEMS

This Appendix contains a discusslon of a number of process problems
that are incidental to, and generally peculiar to, the arrangement
of equipment chosen for one or the other of the two plants, or that
are otherwise of such a nature that a detailed discussion of them
would disrupt the continuity of the general discussion in the body
of thisg Manual.

COLD TOWER TEMPERATURES

The temperature of a cold tower in the G3 process is primarily
determined by the inlet gas temperature. The inlet water temperature
has some effect, but only over the upper 10 to 15 trays of the column.
Although the inlet gas temperature flxes the temperature throughout
most of the column, 1t does not fix it at a constant value, but instead
there is a linear decrease in temperature from the bottom of the column
to about the 55th tray, amounting to a total of 4°C. Above the 55th
tray the temperature gradilent breaks away from linearity and appreaches
the inlet water temperature, and 1t 1s only in this range that inlet
water temperature exerts any appreclable effect on tower temperature.
The gradual drop 1in temperature over the lower 80% of the column is
attributable to the gradual decrease in pressure of the gas as it

moves up the tower, which results in cooling the gas by adlabatlc
expansion. This cooling would amount to about 1°¢ if no heat exchange
- took place, however the cooling gas does exchange heat with the water
passing down the column causing a magnification of the cooling effect.
This effect 1s analagous to a typleal liguid-air machine or other
liquefaction process in which countercurrent heat exchange 1is utllized
to obtain very low temperatures from relatively small temperature
differences generated by expansion of a gas,

This cooling effect is a significant factor in plant operatlon since
it, and the temperature of formation of the solid HzS hydrate, place

a lower 1limit on the gas temperature which can be fed to a cold tower.
The temperature of hydrate formatlon at cold tower pressure is about
28.5°C, therefore gas cannot be fed to the column at temperatures

below about 33°C without the danger of plugglng the column with hydrate
unless additlonal heat is supplied to the middle of the column.

Water is fed to the top of the cold towers at temperatures no lower
than 28.5°C to minimize the risk of HzS hydrate formation. The heat
of solution of Hz=S ralses the water temperature to 340¢ within one
plate resulting in a positive temperature gradient over the top 20%
of the column with temperatures increasing from 28,.3°%c at the 55th
plate to 34°C at the top plate. The net result of the column cooling
effect and the heating due to the heat of solutlon is a minimum

- 151 -



attalnable average column temperature of about 31°C, or 2.5°C above
the hydrate temperature.

A second thermal effect occurs in higher concentration Dz0- coid tower
streams due to the heat released 1n the exchange reaction:
H20 + HDS — HDO + HzS + 80 Btu/lb mol HaS

This effect only becomes appreclable in D:0 concentratione above he,
However in this range it does place a lower limit of 40°¢ on column
temperature of both the fourth and fifth stages of a Dana unit and 1n
the second column of the second stage of a Savannah River unit.

DEPOSITION COF SQLIDS

Solids deposition in various parte of the GS process equipment became

a severe and continuing problem at the Dana Plant. The problems were
caused primarily by a single factor, 1.e., the process towers and
internals were manufactured of carbon or 410 stainless steel. By
contrast, little difficulty with scllids depositlion has been encountered
at the Savannah River Plant which was constructed with Type 304
stainless-steel-lined columns and Type 304 stainless steel trays.

Iron Sulfilde

At Dana, operation of the GS process with carbon steel towers and 410
stainless steel trays contalning solution of HzS in water resulted in
corroslion of the equipment and the formation of an lron sulfide scale
on all exposed surfaces. The 1lron sulflde so formed is soluble up to

6 to 10 ppm at cold tower temperatures and a process pH of about 3.5.
However, lron sulfide is soluble in inverse proportion to the process
temperature and pH. The iron sulfide that dissolved 1In the c¢old towers
preclpitated in the hot towers, waste stripper, and waste stripper heat
exchangers. This problem became so severe that during 1953 waste,
strippers and stripper exchangers were being cleaned on an 8 to l2-week
campaign basis resulting in 2 to 3-day unit outages every 3 months.

The problem was successfully eliminated by suppressing the iron sulfide
solubllity 1n the columns by a factor of 50 through raising the pH of
the process about 0.5 pH units, i.e., from 3.5 to 4.0 in the cold towers
and 4.0 to 4.5 in the hot towers. This was done by adding 150 ppm of
sodlum hydrosulfide or 110 ppm of scdlium hydroxide to the process in
the feed water. Although the effect of this change was to decrease

the solubllity of 1ron sulfide, thereby precipitating a greater
percentage of that which did dissolve in the cold towers, the
50lublility in the cold towers had been reduced by such a large factor
that the precipitation of the small amounts which dissolved becomes
inconsequential. The waste strippers effluent pH rose to 11.5 as a
result of thls feedwater treatment, which resulted in a continuous

loss of 25 ppm of sulflde in the waste stream regardless of whether
NaHS or NaOH was used as the treating agent. Since the loss of sulfide
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was effectively an HaS gas loss, NaHS was used in preference to NaOH
8ince it resulted in a net HzS gain in the unit rather than a pressure
losa. The galn resulted from the fact that the waste stripper recovered
50% of the sulfide in the feed water by steam distillation.

Calelum

The increase 1n waste stripper effluent pH at the Dana Plant occasiloned
by addition of 150 ppm of NaHS to the feed water for control of sulfide
depositlon resulted in precipitation of the 1 to 2-ppm residual calclum
concentration in the process water. This deposition took place in the
waste stripper and stripper heat exchanger shells. The calcium
preclipitated as a basic phosphate, calcium hydroxyapatite. The phosphate
ion was present 1n the water though prior treatment of all raw water
from the Ranney wells with sodium hexametaphosphate ("Calgon" or

"Nalco 680"} for the stabilization of ion and calcium in raw water used
for coclant in the process heat exchangers. This phoaphate lon was not
removed by the lon exchange treatment of the feed water.

This calcium deposition was prevented by feeding sulfuric acld to the

GS process waste strippers at a rate controlled by the pH of the stripper
effluent. The pH control range was 6.0 to 8.0, which prevented the
caleium deposition completely and was also effectlve 1in reducing the
sulfide concentration in the waste to less than 1 ppm, effecting a
considerable H»S gas savings. ’

As a result of the process water treatment with NaHS and Hz=804 sufficlent
gas was manufactured within the units themselves to make up for all gas
losses through leaks, removal of inerts, etg¢. and the gas generation plant
wag therefore placed 1n standby operation except for 1ts function as a
gas rundown, storage, and return facility.

Iron Oxide

The deposition of iron oxides occurred at both Dana and Savannah River
in all heat exchangers cooled by well or river water. This oxilde
deposlitlon was found to be caused by the action of iron bacteria
(Crenothrix) which collected in the heat exchangers. This deposition
problem was effectively controlled, but not completely eliminated,

by chlorination of the GS process cooling water with sufficient chlorine
to malntaln a free chlorine reslidual in the water of 0.1 to 0.5 ppm.

Perilodie checks of the free chlorine residual from each exchanger was
also used to pick up any leakage of HpS into the cooling water.
Reactlion of the chlorine with HzS resulted in zero chlorine residuals.
At Dana the two units whilch return warm cooling water €c the Water
Treatment Plant for use as process feed water could not be chlorinated
because free chlorine degrades the resin used in the ilon exchange units,
and in addition the formation of free sulfur within the units through
reaction with chlorine would result in a sulfur deposition problem.
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PROCESS HEAT RECOVERY

The GS process steam redquirements represent 44% of the direct cost of
producing heavy water and 75% of the total utilitles cost. It 1s
evident therefore that the mode of operation of the unit heat recovery
systems can have a major influence on the production cost of heavy
water,

All process heat enters a GS unlit as 350 psig steam, half entering
through the waste stripper and half added directly to the hot towers.
All heat leaving the process leaves in the waste water stream and in
the cooling water effluent from the secondary gas cooler-condensers.
A total of 175,000 ft® of heat exchange surface and 40 first-stage
hot tower plates have been provided in the equivalent of each Dana GS
unit to perform the necessary heating and cooling operations with the
economic minimum loss of heat.

BASIC PRINCIPLES OF THE HEAT RECOVERY SYSTEM

The GS unit heat recovery system can be broken down Into two main
sectlons.

1. The gas heating, humidifylng,cooling, and dehumidifying
heat recovery loop

2., The waste water and hot tower feed water heat exchange
system :

The gas heat recovery system consists of a closed cycle water-to-gas

and gas-to-water exchange system. The gas leaving the hot towers

passes through three heat exchangers in series (two primary and one
secondary condenser) in being cooled from hot tower to cold tower
temperatures. The gas gilves up heat in the primary condensers to a
closed circult water loop. This water la fed to the 10th tray of the
hot towers at 115°C where 1t heats and humidifies the cold gas entering
the bottom of the tower. After gilving up 1lts heat to the gas the

water at 70°C is recirculated to the primary condensers to complete

the cyele. Approximately 10% of the water circulating in the loop 1s
removed from the circult as humidity in the gas stream. This water

1s made up by adding a portion of the process waste water leaving the
11th tray of the hot tower to the heating-humidifying loop. The gas
leaving the primary condensers at 80°C 1s cooled to cold tower
temperature 1n the secondary condenser. The secondary condenser cooling
water which enters at 18°C and leaves at 40°C carries away approximately
80% of the process waste heat.

The process waste water heat recovery system consists of two sets of
heat exchangers; the waste stripper feed preheaters (stripper exchanger )
and the hot tower feed water preheaters (liquor heaters}. Water which
has been stripped of HzS by steam at a temperature of 220°C passes
through a series of heat exchangers where 1t gives up heat to the
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water feeding the waste stripper. ILeaving these exchangers at 140°C
it then passes through a second series of exchangers where it glves
up heat to the water leaving the cold towers as feed for the hot
towers. After passing through this bank of exchangers the wagte
water 1s discarded at about 70°C.

OPTIMUM PROCESS HEAT RECOVERY

The amount of heat recovered in the primary condensers 1is dependent
upon the clrculation rate of the humidifier water and the physiecal
condition of the exchanger (fouling, gas binding, etc.). The
humldifier water circulation rate also governs the temperature
differences between the gas and water streams in both the primary
condensers and the humidifier sectlon of the hot towers. It 1s an
important point to recognize that because the rate of clrculation of
humidifier water governs both of these temperature driving forces,
there 1s an optimum humidifier circulation rate which willl recover the
maximum amount of heat for any set of process conditions and physical
conditions of the heat exchanger surfaces. This optimum can be readily
found by varying the humidifier circulation rate until the gas
temperature leaving the primary condensers is a minimum. This gas
temperature is therefore the criterion of heat economy 1n the gas
clirculation system.

The maximum heat recovery in the liquid circulation system ls primarily
a function of the physical condition of the heat exchange surfaces.
However several heat economy measures are evident in this system.
Although provisions have been made for bypassing hot waste water
around the strlpper feed preheaters in order to gain high water feed
temperatures to the hot towers, the net effect of such operation is

a reduction in heat economy with little gain in production.

Similarly, 1t is preferable to allow the latter-stage hot tower feed
streams to cool down and keep the first-stage hot tower liguid feed

hot by passing a disproportionate share of the hot waste water through
the first-stage exchangers at the expense of the latter stages. It is
also economically justifiable to make provisilons for introducing the
condensate from the primary and secondary condensers to the hot tower
feed stream at a point where the temperature of the streams match, .l.e.,
at a feed point within the hot tower liguor heater exchanger bank.
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APPENDIX F
ANALYSIS OF HEAVY WATER

AVAILABLE ANALYTICAL METHODS

The Dana and Savannah River Plants use mass spectrometric and densimetrlec
analyses for the determination of the isotoplc concentration of heavy
water. The mass spectrometer, by measuring the relative abundance of
ions of mass 18, and 19, or. 19 and 20, measures directly the concen-
tration of HDO 1in either H20 or D=0. An accurate determination of the
density of a purified water sample using a pycnometer also provides a
direct measure of the deuterium concentration. .
Subsequent to the construction of the Dana and Savannah River heavy
water plants, two new methods were developed for deuterium analysis
neither of which has been used as yet in the plants. In 1953, it was
demonstrated that the absorption of infrared radiation by the HDO
"molecule at 3 milcrons Provided a gsensitive measure of the protium
content of heavy water 13). Either conventlonal 1infrared prism
spectrometers or nondispersive infrared analyzers can be used for thls
analysils, and both are capable of determining protlum content with a
relative precilslon of better than 1% at deuterium concentrations above
99.5%. The speed of the analysls i1s comparable to that of the mass
spectrometer. Similar technlgues have since been used to measure the
deuterium content of water at concentrations from normal abundance to
50% D20. The relative precision for the heavy water analysis rises
from 2% at normal abundance to 0.05% at a concentration of 50%.

The second method, depending upon measurements of the emission spectra
of atomic hydrogen, has b?En developed by H. P. Brolda at the

U. 3. Bureau of Standards 1‘). Water vapor samples are excited in an
electrodeless discharge and the lsotoplc Balmer lines are analyzed
with a recording spectrometer developed and manufactured hy the

Leeds and Northrup Company. This emission technique has demonstrated
essentially the same precision as the infrared absorption method at

comparable analytical speeds.

If a new heavy water production plant were to be constructed, these newer
analytical techniques should receilve serious consideration as the means
for process control.

DENSIMETRIC ANALYSIS

The density of a sample of water 18 a function of the concentration

of 1ts components, including the hydrogen and oxygen isotopes and any
dlssolved or suspended impuritlies, such as salts or gases. Consequently,
to determine deuterium concentration from a measurement of density, the
sample must be free of dlssolved or suspended 1mpurities, and the
concentration of the oxygen-18 isotope must be known.
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The normal oxygen-18 concentration in water is about 0.2 mol %, however
the distillation train (DW process) performs some separation of
oxygen-18, increasing 1ts concentration to about 0.4 mol % in the

E process feed material. The concentration of oxygen-18 1sotope 1s
determined by equilibrating a sample of water with carbon dioxlde

gas and analyzing the carbon dloxlde with a mass spectrometer for 1ts
oxygen-18 content. A factor 1s then computed to correct the densimetric
data for the oxygen-18 contribution. This analysis and determination
of the correction factor is done once every three months. Purification
of the water samples is accomplished by distillation from an alkaline
potassium permanganate solution. i

Of the several methods avallable for the measurement of denslty, the
pycnometric method 1s best suited to plant control analyses and the
preparation of most standard control samples. It 1s used for analysis
of samples 1n the concentration range from 1 to 95% D20. The
sensitivity of the method is *0.02% D20 but the accuracy is not better
than #0.03 D20 due to an uncertainty of 30 ppm in the density of pure
heavy water. 1In Table F-I are shown some interlaboratory comparisons
of pycnometric determinations of heavy water concenfration.

MASS SPECTROMETRY

Mass spectrometric methods are capable of determining directly. the
concentration of different molecular specles in mixtures such as

Hz, HD, and Dz; or Hz0, HDO, and D=0. In 1950, the Consolidated
Electrodynamics Corporation developed a special mass spectrometer
specifically for the isotopic analysis of water vapor and capable of
recording results directly as mol % D20 or Hz0. Precislon measurements
that were obtained for this "water vapor" mass spectrometer by
replicate analyses of control samples are shown in Table F-II. Except
for design features that minimize the adsorption of water vapor on

the surfaces of the inlet and analyzing systems, the "water vapor"

mass spectrometer is a simplified version of a commercial magnetlc mass
spectrometer and 1t operates on the same principles.

Cross contamination of successive samples, or samples and standards,
known as "memory", has been a problem in water mass spectrometry. The
"memory" of the "water vapor" mass spectrometer has been reduced to. an
acceptable: level by means of a sample introduction system which provides
a continuous liquid sample flow; however, 1t 1s stlll necessary to use

a standard sample having an isotoplc concentration within T% of the
concentration of the unknown tc obtaln accurate analyses,

The mass spectrometers are used for the frequent analyses below 15% D=0,
that are reguired for the control of the GS process, &nd for E process
samples that contain more than 95% D=0. Although the mass spectrometer
can be used for any concentration of deuterium in water, several hours
of equllibration treatment are reguired to change the range from low

to high concentrations of deuterium because of the "memory" effect.
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The range of any one instrument is therefore customarily limited to
particular ranges of GS process samples or to E process samples. The
plant control laboratories normally have eleven spectrometers analyzing
GS samples and two analyzing E process samples. -.A comparlson of heavy
water concentrations by the masa spectrometric methods in routine use
in two independent control laboratories is also shown 1n Table F-I.

TABLE F-1

Laboratory Cross-Check Analyses

Results in Mol € D20

_ Laboratory 1 Laboratory 2

Sample Mass Spec. Pycnometer Mass Spec. Pycnometer

1 0.030 0.034

2 0.074 0.075

3 0.621 ' 0.629

4 ~ 6.21 6.10 6.13

5 15.72 15.52 15.59

6 65.86% : 65.53*%

7 Q0.56 .. . 90. 44

8 99.75 99. 84+ 99.76 99.93%

8 99.75%% '

*  Not corrected for the oxygen-18 i1sotope
#% Nier "3/4" mass spectrometer

TABLE F-II1

Precislon of D0 Analyses by Mass Spectrometer

Range Number of Precision at a
Mol % D Determinations 95% Confidence Limit
0.05 - 0.15 45 0.0046 mol % D
0.5 - 2.0 60 : 0.028 mol % D
13. - 17. Lo 0.10 mol 4 D
99. - 100. 150 0.02 mol £ D
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APPENDIX G
ELECTROLYSIS CONTROL IN THE E PROCESS

To satisfactorlly control the electrolysis operation in the E process

i1t 1s necessary to know the average deuterium concentration of the cell
residue In each cell row (25 cells) as a function of operating time.
Without this information 1t 1s not possible to efficiently schedule

the cell row shutdown or the burner condensate cut tank changes.

Sampling of the operating cells 1s impractical because of the number-

of samples required and the hazard to personnel in obtaining the samples.
However, a sample of the cell row burner condensate which is readily
obtainable, and 1s representative of the average row operation can be
related to the average concentration of the cell residue at any instant
in time 1f the separation factor for the process is known. The following
seven factors control the relationship between burner condensate, or
cell residue deuterium concentration and the cell row operating time.

Electroliytic separation factor, alpha

Deuterium concentratlon of the initlal charge

Initial charge volume

Concentration of the electrolyte in the initial charge
Specific gravity of the initial charge -
Total number of ampere-hours of electricity passed
through the cell from the start of the run

(7) Water vapor and entrainment carried away by the

cell off-gas from the start of the run

Lo ARV I Ut B W I ]

All of the above factors are elther known, analyzable, or controllable
in operation of the E process except the separation factor, which
depends upon the nature of the cell and the operating condlitions. An
eguation was developed which related the above variables with burner
condensate concentratlion and separatlon factor. A number of plant
electrolysls runs were then made with frequent sampling of the burner
condensate, to determine the plant separation factor experimentally.
This was done by plotting burner condensate concentration agalinst
ampere-hours of operation and comparing the curve obtained with a
serles of simllar curves obtalned from the derived equation using the
separation factor as a parameter (Flgure G-1). It was found experi-
mentally that the E process separation factor is 10 throughout most
of the run, falling off to 8.5 near the end of the run.

The derived equation relating the E process operating variables has

been found very useful and gulte accurate for the prediction of cell
row shutdown and cut tank changes. It has been reduced to nomograph
form for routine process control purposes using a separation factor

of 8.5 (Figure G-2).
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A derivation of this equation 1s given below.

a)

b)

o

Nomenclature

G gallons of initlal charge per cell

s specific gravity of the charge

K one minus the weight fraction of electrolyte
in the charge

M mol fraction D,0 in the charge

C total mols D,0 and Hp0 charged to the cell

D, mols D,0 charged to the cell )

H, mols H,O charged to the cell

D,, mols D 0 remaining in cell residue

Hp mols H,0 remaining in cell residue

Xg mol fraction Dy0 in cell resldue

Xy, mol fraction HpO 1n cell residue

Y3 mol fraction Dg0 in burner condensate

Y mol fractlon Hp0 in burner condensate

I ampere-hours X 10~2 total electricity consumed
from start of run

P mols electrolyzed per 1000 ampere-hours =

" 70.0411 mol/cell

a electrolytic separation factor

Xq Yn

Giyen equations a = Y Ya

1n§%=a_lnm

1=1Xg + Xnh
1=Yd+Yh
_ 20.0194M
Wt % D20 = 18.0162 + 2.0032M
Xq Yo Xg . (1-¥4)
Derivation a =3 g = ' " {G-1)
X, ¥, (1-xy) ¥
d da
Y&

(6-2)
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Y. 1 -Y

! d
¥p=t-X%=1-173 ¥,(@1) T 1+ ¥ (a-1) (6-3)
HC Dca
Given — = —g
Hr Dr
¢ W [c-IP]X, _ X, (64)
a - [« - [ _ -
o
}-{% rc-1p}(®) o x2‘= B S Yd(a-al)] (a-5)
DC Xd [1 + Yd(a-l)] (Yda)
H (1 - ¥)I1 + v, (a-1)1(2°D)
S fe-rpyle-t) & d d (G-6)
DC (Yda)
For the remainder of the derivation the right half of the above
equations 1s represented by f(Yd)
a 8. 34GSKM ’
D; = 18,0162 + 2.00%an (6-7)
___8.34GSK(1-M) ' ‘
Hy = 18.0162 + 2.00%2M ’ (G-8)
_ a 8.34GSK
€c =D * H; = 18,0162 + 2.00%2m (G-9)
Dca E:I a-1
TP =0 -\ - 1(¥y) (G-10)
2
e a-1
N 8.34GSK a-1 .
I= (18.0162 + 2.0032M)0.041122 - (1-«1) (f(Ya)) (G-11)

Equation (G-11) 1s the equation desired and may be used to determlne
theoretical plots of burner-condensate concentratlon vs. ampere-hours.
It also lends 1tself to the construction of nomographs for plant
operations (see Figure G-1 and G-2). .
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OF CELL ROW OPERATION

- 162 -



MEEC ARAITY

froae

Baid

el

et

-8

~ua
=L

L0

100
[roe
10T
108
108
milil

[=LO¥

=1

—i 00

A CARBONATE

i

[~ 40

B

e

ot

140

a0

- sll'ﬂ.l‘?

L
W CAMD Oa YE
JSaLLONN/ CRLL

AP NEADING

HOURE OPM&,

atant [ 31-14

HQURS OFF

FIGURE G-2 - E PROCESS CONTROL

- 163 -

- o
.—”
-
T pw
1 puwe
J F
p e
18 oo
1
1 e
p 3
a0
s
fro
Py 3
d
-3
1 Ew
> a0
-4
1E
4 ad
- 3
-
o
1 L
18-
4
-
] 3
) s
E 3
h =0
+ n
El - -
3 4
el
F
e - -
PR -
i a
¢ -4x
] ¥
1 ri
-
w0 .
4 L.
4
4
4
- - »
<
4
o I?
-l
N

NOMOGRAPH,

SMNEA OVEANEAD

s

S VIR AW



